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*Point-to-Point Response to Reviewers

Responses to reviewers
Reviewer # 1:
Response: | deeply appreciate your comments. Below are the responses to your comments.

Comment 1: The paper contains the sought to design and evaluate two process
configurations of an IGCC integrated with a dual-stage Selexol unit in which they differ in
that one IGCC is configured with sour shift and the other is based on sweet shift. The subject
and content of this paper complies with the purpose of Energy — the International Journal.
There are no Highlights. The Highlights should consists of max. 5 bullet points, each of
which should has less than 85 characters according to guideline for Author.

Response: Thanks for pointing out the missing highlights. We formulated the following five
highlights to deliver clearly the key messages of this MS.

o Two IGCCs were configured based on sour or sweet shift.

¢ A dual-stage Selexol process was integrated for capturing CO2.

e Sweet shift case requires 4.6 times more shift steam than sour shift case.
e Energy penalties were almost equal for both sour and sweet shift cases.

e Shift reactors were sized with the catalytic reaction rate models.

Comment 2: The article has 6 keywords. One of them should be changed — “Sour and sweet

shift reaction”. Keywords can not contain "of" and "and" according to guideline for Authors

Response: Keywords were revised as follows to conform the guideline.

Page 1 (changed): Keywords: Carbon capture; Selexol; IGCC; Sour shift reaction; Sweet

shift reaction; Reactor design

Comment 3: The article has no nomenclature. The Authors use a huge number of
abbreviations, acronyms and markings. | suggest adding the nomenclature at the beginning

of the paper, which will help the reader to decipher individual abbreviations.

Response: In revision, we added nomenclature and abbreviation sections at the beginning of

the article as follow:



Nomenclature

K, Equilibrium constant (-)
P Actual system pressure (atm)
p; Partial pressure of component i (kPa)
P, Pressure correction factor (atm)
r Reaction rate (mol/gc,¢ * S)
R Ideal gas constant (J/mol - K)
T Temperature (K)
Abbreviation

BFW Boiler feed water
COos Carbonyl sulphide
DS Dual stage
DOE Department of Energy
HP High pressure
HRSG  Heat recovery steam generator
IP Intermediate pressure
IGCC Integrated gasification combined cycle
PC-fired Pulverized coal fired
SSC Sour shift catalyst

Comment 4: The structure of the paper contains 0 figures, 6 tables and 6 equations. The
Authors added 5 figures and 4 tables to supplemental materials.

Response: The original MS contained 6 figures, 6 tables and 6 equations. To address your
comments properly, we added one more figure on the hot and cold composite curves of the
HRSGs (Figure 6), so now the revision contained 7 figures, 6 tables (+ 7 tables in

supplementary materials) and 6 equations.

Comment 5: The literature in paper has 35 references and is appropriately selected. Each
has its own reference in the manuscript.

The style of its structure and the way of explaining the methodology and results are

good. In particular, the water gas shift reactors section looks interesting. Nevertheless, the

paper also has some drawbacks and points to be revised as follows.



Response: We appreciate greatly the reviewer’s compliments and criticism. We did our best
in correcting the MS to respond properly to the comments. We are confident that the quality

of this MS has been greatly enhanced after all the corrections made.

Editorial Remarks

Comment 1: All manuscript; Line numbering on each page does not match the lines of the
text and also the lack of numbered pages in manuscript makes the review difficult.

Response: Thanks for your comment. We added the page numbers in the manuscript and

we removed the line numbers.

Comment 2: Keywords: One should be changed — “Sour and sweet shift reaction”. Keywords

can not contain "and" according to guideline for Authors.
Response: The keywords were revised as follow to meet the requirement of guideline.

Page 1: Keywords: Carbon capture; Selexol; IGCC; Sour shift reaction; Sweet shift reaction;
Reactor design

Comment 3: Abstract; There is no explanation of the “IGCC” abbreviation in the text of

abstract.

Response: The explanation of “l{GCC” was added in Abbreviation.

Comment 4: Section 1; There is no explanation of the “PC-fired” abbreviation in the text.

Response: The explanation of “PC-fired” was added in Abbreviation.

Comment 5: Section 1; There is no explanation of the “DOE” abbreviation in the text.

Response: The explanation of “DOE” was added in Abbreviation.

Comment 6: Section 2.1; “given the equilibrium constant, K,” or “To achieve the K value”,

meanwhile in equation (1) is K. Please unify.



Response: We corrected the equilibrium constant as K, instead of K. Besides, the font of K,
were unified in both text and equations, shown as follow.
Page 6 (changed): K,

4577.8

Page 7, equation (1) (changed): K, =e T

—4.33

Page 7 (changed): K,

Comment 7: Section 2.1; There is no explanation of the “IP” abbreviation in the text.

Response: The explanation of “IP” was added in Abbreviation.

Comment 8: Section 2.1; There is no explanation of the “BFW” abbreviation in the text.

Response: The explanation of “BFW” was added in Abbreviation.

Comment 9: Section 2.1; There is no explanation of the “HP” abbreviation in the text.

Response: The explanation of “HP” was added in Abbreviation.

Comment 10: Section 2.1; There is no explanation of the “HRSG” abbreviation in the text.

Response: The explanation of “HRSG” was added in Abbreviation.

Comment 11: Section 2.1; There is no explanation of the “DS” abbreviation in the text.

Response: The explanation of “DS” was added in Abbreviation.

Comment 12: All manuscript; The Authors use two ways of writing percentages with values:
first: value % (with space) e.g. (Section 2.1.: “around 10.2 % points” or Section

3.3.: Table 6. 5th row and 3rd, 4th, 5th column — “78.4 %”, “77.1 %", “78.5 %" or

Section 4: “incur 3.7 %”).

second: value% (without space) e.g. (Section 2.1.: “and 4.3% points” or

Section 2.2.: “the same 95.5% CO conversion’).

Please unify.



Response: Thanks for pointing out this issue. All the percentages with value were unified as

the second way, value%, without space.

Page 4 (changed): 0.5%.

Page 8 (changed): 10.2%.

Page 19, Table 6 (changed): 78.4%, 77.1%, 78.5%.
Page 20 (changed): 3.7%.

Comment 13: Section 2.2; There is no explanation of the “COS” abbreviation in the text.

Response: The explanation of “COS” was added in Abbreviation.

Comment 14: Section 3.1; “and 101.32 kPa..” should be “and 101.32 kPa.”

Response: The additional full stop has been deleted.
Page 15 (changed): 101.32 kPa.

Comment 15: Section 3.1; “where P is partial pressure [kPa]”, meanwhile in equation (2) is P.

Please unify.

Response: We corrected the expression of partial pressure as P; (i = C0,, H,, CO, H;)
instead of P. Besides, the font of P; was unified in both homenclature and equations. Since
P; has already declared in nomenclature, the explanation of P; in the text was deleted.

Page 15 (deleted): where P is partial pressure [kPa].

—111000
Page 15, equation (2) (changed): ryrcy = 1028%e™ rt P Pry;30 P %%° (1 — %%)
e PcoPH,0

Comment 16: Section 3.1; “as -111kJ/mol” should be “as -111 kJ/mol”

Response: We corrected it in the manuscript.
Page 15 (changed): -111 kJ/mol.

Comment 17: Section 3.1; “where P is partial pressure [Pa]”, meanwhile in equation (3) is P.

Please unify.



Response: We also corrected the expression of partial pressure as P; (i = C0,, H,,CO, H,)
instead of P here. In equation (3), the partial pressure has the unit of Pa. To unify the unit,
equation (3) has changed as below. In addition, the explanation of P; was also deleted, as it

has already shown in nomenclature.

Page 16, equation (3) (changed):

irs 3783 P, P,
. 1 Feco,rH
14 _ 2 2
B 6.153 X 10~ e RT P¢oPy,, (1 K —PCOPH20>
B 80410 4109 9795 83608 z
(1 +1.756 X 1073% " RT P¢o +9.321 X 1077e RT Py, + 2.28 X 107%e RT Pgo, +2.739 X 10715 RT PHZ)

Page 16 (deleted): where P is partial pressure [Pa].

Comment 18: Section 3.1; “where P is actual system pressure [atm]”, meanwhile in equation
(4) is P. Please unify.

Response: As P has already stated in nomenclature, the explanation of P in the text was
deleted. In addition, the font of P was also unified in equations and nomenclature.

Page 16 (deleted): where P is actual system pressure [atm].

Comment 19: Section 3.2; There is no explanation of the “SSC” abbreviation in the text.

Response: The explanation of the “SSC” was added in Abbreviation.

Comment 20: Supplementary material: “Figure 2. Steam cycle design: sour shift case.”

Should be “Figure 3. Steam cycle design: sour shift case”.

Response: The figures must have been included in the main text, not in the supplementary

materials. And all the figures have been rearranged including the new figure 2.

Comment 21: Supplementary material: Figure 6. (a) — (d); If the values change in the second
place after the decimal point, it does not make sense to keep the accuracy to four decimal

places.



Response: The figures were generated by UniSim and it was not possible to remove the
unnecessary 0 on the graph. Hence, we replotted all the figures in MS-Excel and managed
to correct them as follows. Accordingly Table 6 has also been modified.

Table 6 (changed): We presented the reactor volume instead of the reactor length and
diameter in this table.

Table 6: Size of the shift reactors estimated by the reaction rate models at the condition of
99% approach to the equilibrium CO conversion.

Sweet HTSR Sweet LTSR Sour HTSR Sour LTSR
Catalvst HTC1 (Fe-based LTS (Cu-based SSC (CoMo-based SSC (CoMo-based
Y catalyst) catalyst) catalyst) catalyst)
Volume, m? 84.7 60.6 56.8 615.8
CO conversion rate 77.9% 78.4% 77.1% 78.5%
Average reaction rate, 10 106 AnS 0T
mol/em¥s 2.78:10 8.63-10 4.11-10 8.83:10

Figure 6 (changed): (renumbered to figure 7).
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Figure 7. Profiles of CO component mole fractions along the reactor volume: (a) high temperature sweet
shift on Fe-based catalysts, (b) low temperature sweet shift on Cu-based catalysts, (c) high temperature
sour shift on CoMo-based catalysts, (d) low temperature sour shift on CoMo-based catalysts.

Essential Remarks

Comment 1: In Equation (5) and (6) in Section 3.2, the Authors use “ppm”, while in the text

Authors use “ppmv’”. What is the difference between “ppm” and “ppmw”?



Response: When scrutinizing the papers in which the two equations were found, we realised

that the H2S concentration must be expressed in ppmy, i.e. —oune of solute 6

volume of solution

Accordingly, the MS was revised as follows.
Page 16 (changed): 1000 H,S ppmv

Page 16, equation (5) (changed):

-60300 1 P P
— —&7 — p0.75p0.31 p—0.07 p—0.09 COz" H,
Tssc,1000ppmv H,s = 0.008e RT Py Py Peo, ' Py, (1_K_P p
e PcoPr,o

Page 16 (changed): 330 to 2670 ppmv

H,S ppmv]n

Page 16, equatlon (6) (Changed) rSSC = rSSC,lOOOmeV H,S [ 1000

Page 17 (changed): 1000 ppmv

Comment 2: With such advanced structures, it is necessary to present detailed assumptions,
for example, isentropic and mechanical efficiencies, pinch points and approach points in
exchangers, gas turbine operation parameters, compression ratio, COT etc. Without a set of

assumptions, the reader is not sure about the results presented.

Response: To address the issues raised, a short summary of the gas turbine was added to
the main text, including the firing temperature of the gas combustion chamber, the pressure
ratio, the steam cycle pressures, etc. Also we added several tables in supplementary
materials to show the approach temperatures of all the heat exchangers (Table S5), the
adiabatic and polytropic efficiencies of all the pumps and compressors (Tables S6 and S7),

the hot and cold composite curves of the HRSG.
Page 5 (added):

This study is based on two Advanced F class gas turbine to generate 464 MW power in total.
The firing temperature of combustion chamber was controlled within the range of 1318-
1327°C, with the pressure ratio of 18.5. The net efficiency of such turbines was 57.5% (LHV),
giving the net heat rate of 6256 kJ/kWh (LHV). The exhaust gas leaves gas turbine entering
the steam cycle via HRSG. The pressure levels for HP/IP/LP sections are 12.5/2.9/0.45 MPa,
respectively. In both sour and shift cases, the HRSGs undergo around 533 MW of the heat
transfer between the hot and cold streams. The hot and cold composite curves are

presented in Figure 2.



Table S5. Approach points of the main heat exchangers.

Approach point

Heat exchanger (°C)

Sour Sweet
:;gr‘f;grtis:ure steam 298 35
Raw gas cooler 92.5 66.3
HTSC 19.8 20.8
T-syngas cooler 1 19.4 91.0
T-syngas cooler 2 12.3 -
T-syngas cooler 3 15.9 24.4
T-syngas cooler 4 52.4 60.9
T-syngas cooler 5 9.7 19.7
T-syngas cooler 6 36.7 22.0
Flue gas reheater 116.7 116.7
Lean-solvent cooler 6.7 50.6
Grand Steam Condenser 1.7 1.7
R-syngas cooler 1 - 136.1
Scrubber cooler 4.2 4.2

Table S6: Summary of adiabatic efficiency of pumps.

Adiabatic efficiency

Pump

Sour Sweet
HP pump 70.2% 70.2%
LP pump 80.0% 80.0%
IP pump 81.0% 81.0%
Condensate pump 63.9% 63.9%
H,S-laden solvent pump 80.0% 75.0%

H,S concentrator bottom pump  75.0% -

CO,-laden solvent pump 80.0% 80.0%
Lean solvent pump 80.0% 80.0%
Semi-lean solvent pump 80.0% 80.0%
Quench water pump 75.0% -

CO, product pump 85.0% 85.0%
Makeup water pump 75.0% 75.0%
Makeup DEPG pump 75.0% 75.0%

Table S7: Summary of adiabatic efficiency and polytropic efficiency of compressors.

Sour Sweet

Compressor Adiabatic Polytropic Adiabatic Polytropic
efficiency efficiency efficiency efficiency

Recycle gas compressor 80.0% 80.4% - -



Flash evaporation

compressor 80.0% 81.7% 80.0% 81.8%
Sour gas compressor 80.0% 81.0% 80.0% 81.0%
Z';i:‘pﬁ;iii”rre gas 83.4% 85.0% 83.0% 85.0%
Syngas compressor - - 75.0% 75.3%
CO, compressor-1 83.1% 85.1% 83.1% 85.0%
CO, compressor-2 83.7% 85.0% 83.7% 85.0%
CO, compressor-3 83.7% 85.0% 83.7% 85.0%
CO, compressor-4 83.6% 85.0% 83.6% 85.0%
CO, compressor-5 83.6% 85.0% 83.65 85.0%

Comment 3: | have not found information from the authors about the originality of this article
in any section of the paper. What is the novelty presented by the Authors? In the summary,
the Authors should emphasize more precisely what the novelty and originality of the article is

in comparison with world literature.

Response: The originality and novelty of this MS is two-fold. Firstly, this MS showed that in
integrating a dry coal-fed IGCC with a CO2 capture unit the IGCC can be configured based
on either sour shift or sweet shift, and the net plant efficiencies of the two shift cases would
not be very different from each other. It had been thought, in most papers, that sour shift
would be more advantageous than sweet shift in configuring an IGCC with CO2 capture, as
a sour shift case requires less steam extraction from the steam cycle than a sweet shift case.
This is true, but this benefit is almost completely offset by quenching the syngas with water.
Water quenching taken by US DOE design reduces greatly the amount of high pressure

steam to be generated.

The second point is that the two shift reactors in series were sized by the catalytic reaction
kinetic models reported in open literatures, for both sour and sweet shift cases. There were a
few papers in which the shift reactors of the sweet shift case were simulated. But to the best
of our knowledge, there has not been a published paper in which the sour shift reactors were

sized.



Reviewer #3: The present study the authors have proposed a design of two process
configuration of an IGCC integrated with a dual-stage selexol unit.

There are a few points which should be considered for the revision:

Comment 1: The authors should enhance the published articles in this field with more detail.

Response: | believe that the list of references included in the original MS, 35 in total, is quite
comprehensive and extensive. In the original MS, the key results of the published articles
closely relating to this MS [11,16-20] were summarised well in Table 1, to show the balance
of energy of the IGCC designed. If this reviewer had proposed any articles that were
deemed relevant but not included in the original MS, we could have added them to the

revision.

Comment 2: The authors should present an error analysis for the present method. What are

the probable error sources in such 0-D simulation?

Response: All the simulations were constructed with Honeywell UniSim, the commercial
chemical flowsheeting programme. The software has been taken by a number of major
companies in the field of industrial process design and optimisation, due to its reliability and
accuracy evidenced by a number of successful commercial projects. In this respect, we don’t
think that an error analysis would be deemed necessary. In general an error analysis would
be useful in quantifying inaccuracies involved in the course of an experiment, e.g.
measurement of temperature, pressure and flowrate or sample analysis. Note that this study

was carried out by simulation, not by experiment.

Comment 3: Is it necessary to evaluate the performance of system in off-design situation?

Response: This study was aimed to evaluate and compare the performances of the two

IGCC designs based on either sour shift or sweet shift, given the identical heat input to the

process. It might be useful to look into how the designed IGCC would behave under various
off-design conditions and see if the designed process could cope with such disturbances.
But we think that such case studies would be so vast that it has to be covered in a separate

paper. Moreover, the steady-state IGCC simulation has to be converted to a dynamic IGCC



simulation, to see the effect of disturbances varying over time on the performance of the

designed IGCC. Certainly, such a work is outwith the scope of this work.

Comment 4: The philosophy beyond the used constant? Are they meaningful?

Response: Honestly, it is not clear to us what this reviewer meant by “the used constant”. In
this study, we used three constants: equilibrium constant of WGSR reaction, K, ideal gas
constant, R and rate constants of the catalytic reaction rate equations. It is obvious that the
equilibrium constant of WGSR and ideal gas constant cannot be altered. All the rate
constants used in this study were taken from the papers published in the reputable journals,

so they are deemed accurate.

Comment 5: The design procedure is inherently a multi-objective optimization problem.
Considering this issue, the authors should give more detail about economic aspect of their

design? Is it feasible? How much is change of maintenance cost and operational cost?

Response: Techno-economic study may be useful in evaluating a process considering both
technical and economical aspects. But again it is not within the scope of this work, as this
study was aimed to evaluate the two processes that differ in its process configuration in
terms of the energy penalty incurred by CO2 capture integration. As for the detailed
economic analysis of the IGCCs, please refer to the US DOE study [2007] in the references

in which the levelized cost of electricity was reported for various IGCC designs.

The maintenance and operational costs of the two cases investigated would be so close to
each other that they could not affect greatly the economics of the IGCCs. The list of
equipment contained in the two IGCCs are almost identical to each other, while it is the
process configurations that are different between the two. In turn the CAPEX would not
change much. The net plant efficiencies of the two IGCCs were almost equal as shown in
Table 4, indicating that the OPEXs of the two cases would be close to each other too. Note
that the maintenance cost is generally a function of Total Plant Cost (TPC) consisting of
maintenance labour and maintenance materials. The TPCs of the two shift cases would be

similar to each other, indicating that the maintenance cost would not differ significantly.



*Highlights

Two IGCCs were configured based on sour or sweet shift.

A dual-stage Selexol process was integrated for capturing CO..
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Abstract

In this study, it was sought to design and evaluate two process configurations of an Integrated Gasification
Combined Cycle (IGCC) integrated with a dual-stage Selexol unit in which they differ in that one IGCC is
configured with sour shift and the other is based on sweet shift. Incorporating water gas shift reactors
consuming vast amount of shift steam into an IGCC involves significant alternations to the associated steam
cycle, in addition to simply changing the location of the H,S removal step around the shift reactors. It turned
out that the sweet shift case would require approximately 4.6 times more shift steam than the sour shift case,
as the syngas after H,S removal did not have much steam in it. However, the energy penalties incurred by the
carbon capture integration were estimated almost identical regardless of the choice between the sour and
sweet shift. This is because the sour shift case would also undergo considerable reduction in power
generation at steam cycle due to water quenching. In both shift cases, the high and low temperature shift

reactors were sized using the reaction rate models reported in literatures.

Keywords: Carbon capture; Selexol; IGCC; Sour shift reaction; Sweet shift reaction; Reactor design
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Equilibrium constant (-)

Actual system pressure (atm)

Partial pressure of component i (kPa)
Pressure correction factor (atm)
Reaction rate (mol/g_, - s)

Ideal gas constant (J/mol - K)
Temperature (K)

40 =" o

Abbreviation
BFW Boiler feed water
COos Carbonyl sulphide
DS Dual stage
DOE U.S. Department of Energy
HP High pressure
HRSG  Heat recovery steam generator
IP Intermediate pressure
IGCC Integrated gasification combined cycle
PC-fired  Pulverized coal fired
SSC Sour shift catalyst

1. Introduction

Fossil fuels have long supplied a vast majority of the energy as well as the raw materials our economy needs.
With growing concerns with the environmental issues the use of fossil fuels gives rise to, however, it has
been sought to replace fossil fuel with renewable resources to enhance sustainability of our society [1]. As
various renewable energy technologies have progressed up to commercial stage, it is expected that fossil
fuels will lose their position as main energy resources in the future [2]. However, one aspect that fossil fuels
cannot be surpassed by renewables easily lingers on. Fossil fuels can produce energy more stably and
steadily than renewables, less affected by the weather around the site [3]. Therefore, fossil fuels still play a

key role even in the next generation energy mix, supplementing energy production by renewables [2].

As for power generation, coal and natural gas have been the main raw materials among various hydrocarbon
fuels [4]. Given the fact that coal reserves are more evenly distributed over the globe than natural gas
reserves, use of coal for power generation is expected not to wither in the future even though the plant

efficiency of a coal power plant is generally inferior to that of a natural gas combined cycle [5, 6].

However, coals generate the largest CO, per unit electricity generated among fossil fuels when combusted

for power generation, due to it being characterised by rather large carbon-to-hydrogen ratio [7]. Hence, in the
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UK, it has been banned to construct a new coal-based power plant unless its CO, emission is to be curtailed
significantly by integrating it with carbon capture and storage (CCS) [8]. But CCS is still deemed so

expensive that the concept has not been widely materialized into commercialisation yet.

In the chain of CCS, it is known that carbon capture stage accounts for majority of the total energy
consumption [9]. Therefore, it is crucial to reduce drastically the energy consumption at carbon capture stage,
in order to bring down the overall CCS cost to an affordable level. In this respect, Integrated Gasification
Combined Cycle (IGCC) has been considered an attractive alternative to the conventional PC-fired power
plant. In IGCC, a pre-combustion capture process can be applied to a synthesis gas (syngas) containing CO,
at very high pressure. From the thermodynamic point of view, it would be more energy-efficient to separate
CO, from a high pressure syngas of the IGCC than a low pressure flue gas that a PC-fired power plant emits.
In addition, a carbon capture unit can be designed smaller in an IGCC than in a PC-fired power plant, as the
high pressure syngas must be smaller in volume than the low pressure flue gas. Accordingly, pre-combustion
capture would involve a specific energy consumption less than post-combustion capture. DOE [6] estimated
that the cost of electricity (COE) of an IGCC would increase only 35 mills/lkWh on average by integrating it
with pre-combustion carbon capture, while decarbonising a PC-fired power plant by amine capture would be

so expensive that the COE had to increase 49 mills/lkwh.

In designing an IGCC integrated with pre-combustion capture, it is essential to include WGSRs (Water-Gas
Shift Reactors) to convert CO to CO,, so that the following CO, capture unit can achieve at least 90%
capture efficiency. There are largely two different cohorts of shift catalysts available with respect to their
resistance to sulphur, that is, sour and sweet shift catalysts. Given the fact the IGCC syngas contains sulphur
compounds originating from coals, the syngas has to be cleared of the sulphur species to protect the sweet
shift catalysts. As for the choice of sour or sweet shift in decarbonising an IGCC, it was claimed that sweet
shift would not be normally taken for coal gasification applications, due to a greater inefficiency arising from
having to cool the syngas before the sulphur removal [10]. Most of the past researches on design of an IGCC
integrated with pre-combustion capture centred upon sour shift as shown in Table 1. However, there exist a

few of works on sweet shift as well, as shown in Table 2 [11-14] .
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There have been a few of works carried out to evaluate and compare the sour and sweet shift cases applied to
coal gasification for carbon capture. But it appears that the outcomes of the studies are contradictory to each
other in contrast to what is expected. Kanniche and Bouallou [15] compared two dry coal IGCC plants
integrated with CO, capture that were designed based on either sweet or sour shift in terms of net plant
efficiency. According to their simulation results, both of the sour and sweet shift cases were estimated to
have almost identical net plant efficiencies, with the difference only 0.5% points. Huang et al. [16] compared
the sweet and sour shift options applied to the two IGCC reference plants equipped with either GE or Shell
gasification. They reported that the sour shift case would be more efficient than the sweet shift case with its

net plant efficiency greater by around 1.5% points.

In this study, it was aimed to estimate the energy penalty of an exemplary IGCC plant integrated with either
sour or sweet shift, by designing the entire IGCC process based on the DOE study [5]. By doing so, it was
possible to identify which alternations to make in designing the pre-combustion capture IGCCs depending on
the choice of sweet or sour shift, and quantify the net plant efficiency more accurately. In addition, the sizes

of the shift reactors are to be estimated based on the reaction rate models reported in literatures.

Table 1 Summary of energy balances of past researches on pre-combustion capture IGCCs based on sour
shift.

Ref. Cormos et. al.[17] Descamps et.al. [11] Cormos et.al. [18]

IGCC IGCC + Energy Energy IGCC IGCC+ Energy Energy IGCC IGCC + Energy  Energy
Plant performance

only Capture change  penalty only Capture change  penalty  only Capture change  penalty
Thermal input, MW 1053 1177.7 1247 - 7258 8479 122.1 - 10409 1166.9 126 -
Power Summary, MW
Gas turbine power 334 334 0 3.36% 1883 2115 23.2 1.00% 334 334 0 3.46%
Steam turbine power 183.6 200.14 16.54 0.44% 152 135.8 -16.2 4.93% 186.92 1975 10.58 1.03%
Syngas Expander 1.48 0.78 -0.7 0.07% 24.7 29 4.3 0.02% 0.88 0.78 -0.1 0.02%
Total power 51908 53492 1584  387% 365 3763 113 591% 5218 53228 1048  451%
generation
Total auxiliaries 75.18 11299 37.81 245% 49.3 82.9 33.6 2.98% 72.83 111.87 39.04 2.59%
Net power 443.9 42193 -21.97 6.33% 315.7 2934 -22.3 8.89% 44897 42041 -28.56 7.10%

Net power plant

0, 0, - - 0, 0, - - 0, 0, - -
efficiency (LHV) 42.16% 35.83% 43.50% 34.60% 43.13% 36.03%
Ref. Padurean et al. [19] Huang et al. [16] Prins et al. [20]
Plant IGCC IGCC+ Energy Energy IGCC IGCC+ Energy Energy IGCC IGCC+ Energy Energy
performance only Capture change  penalty only Capture change penalty only Capture change penalty
Thermal input, 4450 9 1177.76 12486 - 9533 10668 1135 - 21663 2610 4437 -

MW
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Power Summary, MW
Gas turbine power 334 334 0
Steam turbine

184.32 195.24 10.92
power
Syngas Expander 1.48 0.55 -0.93
Total power 5198 52979 9.99
generation
Total auxiliaries  75.08 104.82 29.74
Net power 44472 42497 -19.75

Net power plant

0, 0, -
efficiency (LHV) 42.23% 36.09%

3.36%
0.93%
0.09%
4.39%

1.77%
6.15%

286
192.4
0
478.4

61.31
417.09

43.75%

286 0
1756  -16.8
0 0
4616  -16.8
94.01 327
36759 -49.5
34.46% -

3.19%
3.72%
0.00%
6.91%

2.38%
9.29%

720.6
475.2
0
1195.8

145.1
1050.7

48.50%

816.6
525.6
0
1342.2

259.9
1082.3

96
50.4

146.4

114.8
31.6

41.47% -

1.98%
1.80%
0.00%
3.77%

3.26%
7.03%

Table 2 Summary of energy balance of a pre-combustion capture IGCC based on sweet shift [16].

Plant performance oy Copure _change _ ponaty
Thermal input, MW 953.3 1066.8 1135 -
Power Summary, MW

Gas turbine power 286 286 0 3.19%
Steam turbine power 192.4 160.9 -315 5.10%
Syngas Expander 0 0 0 0.00%
Total power generation 478.4 446.9 -31.5 8.29%
Total auxiliaries 61.31 94.33 33.02 2.41%
Net power 417.09 352.57 -64.52 10.70%
Net power plant efficiency (LHV)  43.75% 33.05%

2. Process Configuration Studies 2.1. Sour Shift Case

This case was reproduced following the US DOE’s work [5] in which the design basis was detailed. In

configuring an IGCC, it is essential to select the gas turbine from the beginning. This study is based on two

Advanced F class gas turbine to generate 464 MW power in total. The firing temperature of combustion

chamber was controlled within the range of 1318-1327°C, with the pressure ratio of 18.5. The net efficiency

of such turbines was 57.5% (LHV), giving the net heat rate of 6256 kJ/kWh (LHV). The exhaust gas leaves

gas turbine entering the steam cycle via HRSG. The pressure levels for HP/IP/LP sections are 12.5/2.9/0.45

MPa, respectively. In both sour and shift cases, the HRSGs undergo around 533 MW of the heat transfer

between the hot and cold streams. The hot and cold composite curves are presented in Figure 2.

By taking shift catalysts of which the activity can be maintained high with the presence of sulphur

compound, the shift reactor can process directly the raw syngas containing COS and H,S without having to

pre-treat the syngas but preheating. In integrating the IGCC with pre-combustion capture, it is essential to
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have most of the carbon-containing compounds in the feed exist in the form of CO,, as the ensuing carbon
capture unit can separate only CO, selectively from the gas mixture. To this end the syngas undergoes water-
gas shift reaction which often requires a huge amount of steam as much as approximately 2 moles of H,O per
1 mole of CO [5]. Also the steam to CO ratio has to be greater than 1.8 to avoid the methanation reaction
[21]. It should be noted that the whole process benefits greatly from the fact that the hot syngas already
contains a great deal of steam when leaving the water scrubber operating at a high temperature. In this study,
the targeted CO conversion rate was set as high as 95.5%, so that the ensuing Selexol process could achieve

90+% carbon capture efficiency easily.

Table 3. Details of the raw syngas flowing into the shift reactor prior to shift steam addition in both sour and

sweet shift cases.

Sour shift case Sweet shift case
Temperature,°C 298 223
Pressure, kPa 3756 3750
Molar flowrate, kmol/s 9.8 5.4
Molar fraction
Cco 0.3096 0.5560
H,O 0.4784 0.0002
CO; 0.0114 0.0908
H, 0.1569 0.2870
N, 0.0311 0.0562
H.S 0.0044 trace
Ar 0.0053 0.0095
CH,4 0.0002 0.0004

Given the syngas composition in Table 3, it is possible to estimate the amount of steam that the syngas
must contain in order to achieve the CO conversion efficiency of 95.5%, given the equilibrium constant, K,,

defined by [15]:

4577.8

Ke —e T 4.33 (—])

Assuming the syngas would leave the LTS (Low Temperature Shift) reactor at around 317 °C [5], the
equilibrium constant was estimated around 31 by Eq. 1. To achieve the K, value at 95.5% CO conversion

rate, the required amount of steam has to be 6.1 kmol/s, while the flowrate of steam contained in the syngas



©CO~NOOOTA~AWNPE

is only 4.7 kmol/s. Accordingly, around 1.4 kmol/s of steam has to be sourced and supplemented into the
syngas. To this end, the IPBFW is preheated by recovering the heat of the hot raw syngas after HP steam
generation (stream 4 in Figure 3). The hot IP BFW is vaporized to IP steam by recovering the exothermic
heat of WGSR at the intercooler thereafter. The amount of the IP steam produced in situ is more than enough
to provide the additional shift steam required for sour shift. As shown in Figure 4, the IP steam is split into
three streams. The second steam is sent to the gasifier at a fixed flowrate and the rest is directed to the HRSG

for power generation.

After the syngas is shifted, then it is cooled down to 35 °C at which the dual-stage Selexol process (DS
Selexol) operates. In both sour and sweet shift cases, the performance targets that the acid gas removal unit

has to achieve were set identically as below.

. 90% carbon capture efficiency

99.9+% H,S recovery

. 98.5+% H; recovery

97+% CO, product purity

The Selexol solvent can absorb H,S more strongly than CO, with the selectivity of H,S over CO, around 9
[22]. As shown in Figure 3, firstly the syngas enters the H,S absorber where its H,S is absorbed by the CO,-
laden solvent originating from the CO, absorber. The H,S-laden solvent leaving the absorber contains
significant amount of CO, as well as H,S. The CO, has to be stripped off the solvent before the solvent is
regenerated thermally in the ensuing steam stripper. Otherwise, the sour gas would end up with containing
vast amount of CO, as well as H,S, making it very hard to achieve the stringent target of the carbon capture
efficiency. To this end, removing the CO, from the solvent were carried out by a H,S concentrator (gas
stripping) followed by a flash evaporation (depressurisation). By doing so it was possible to direct most of

the CO, contained in the solvent to the CO, absorber, facilitating such a high carbon capture efficiency.

In the CO, absorber, the CO, in the feed is selectively absorbed by two solvent streams: one solvent is the

lean solvent generated at the steam stripper, containing effectively no CO, in it, and the other is the semi-lean

7
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solvent originating from the flash drums, less regenerated than the lean solvent. As studied previously by the
author [23-25], it is crucial to increase the flowrate of the lean solvent flowrate rather than the semi-lean
solvent, if such a high carbon capture efficiency as 95% is targeted (high lean case). But there exists a
maximum flowrate that the lean solvent cannot exceed. If too much CO,-laden solvent was sent to the H,S
absorber, then it would not be possible to recover sufficient CO, and return it to the CO, cycle. Meanwhile, it
is also possible to reach the 90% carbon capture efficiency by increasing the semi-lean solvent, without
having to increase the lean solvent (low lean case). In other words, the minimum flowrate of the CO,-laden
solvent required to remove 99.9+% H,S is found and the stream becomes the lean solvent after being
regenerated thermally. In low lean case, the total flowrate of the circulating Selexol solvent would be larger,
but it would be easier to return the CO, carried by the CO,-laden solvent to the CO, removal section. The

total energy consumptions of the two cases were estimated similar to each other.

The net plant efficiency of the IGCC integrated with DS Selexol and sour shift was estimated by process
simulation using Honeywell UniSim. As shown in Table 4, the energy penalty incurred by carbon capture
integration was around 10.2% points. The energy penalties at the steam turbine and the auxiliaries were 4.6
and 4.3% points, respectively (Table 5). It should be noted that the increase of the power consumption at the
auxiliaries were mainly due to addition of CO, capture and compression. The reduction in the steam turbine
power generation by carbon capture integration was mainly due to great difference of the amounts of HP
steam generated at the syngas cooling stage immediately after the gasifier. In the sour shift case, it is crucial
to have the raw syngas contain a vast amount of steam, so that the ensuing sour shift reactors do not require
additional shift steam much. To this end, quenching the raw syngas by adding the water is followed by the
syngas cooler and the syngas scrubber operating deliberately at a high temperature (200 °C), compared to
110 °C in the non-capture case. The higher temperature does the syngas scrubber operate at, the more steam
the syngas can contain [26]. After the syngas quenching, the syngas temperature falls down to 408 °C, so the

amount of the HP steam to be generated by syngas cooler is very limited.
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Table 4. Plant performances of decarbonised IGCCs and their comparison with the reference studies.

Non capture Sour shift Sour shift Sweet shift
(DOE case 5 [5]) (DOE case 6 [5]) (This study) (This study)

Thermal input, MW (HHV) 15475 1617.8 1617.8 1617.8
WGSR CO conversion - 95.6% 95.5% 95.5%
H, recovery at DS Selexol Not reported Not reported 98.8% 98.5%
H,S recovery 99.5% 99.7% 99.9+% 99.9+%
;?ﬁ;%pgirzbfggﬁncy - Not reported 96.7% 96.2%
Overall carbon capture rate - 90.0% 89.9% 90.0%
Steam-to-CO ratio - 2.00 2.03 2.16
Power

HP turbine - - 44.5 61.2
ST power, MW IP turbine - - 73.6 64.1

LP turbine - - 104.9 94.7

Total 284.0 229.9 222.9 220.0
GT power, MW 464.0 464.0 464.0 464.0
Total power generation, MW 748.0 693.9 686.9 684.0
AGR auxiliaries, MW - 155 216 18.6
Other auxiliary 112.2 132.9 132.8 132.1
CO, Compression, MW - 28.1 329 344
Total auxiliary power, MW 112.2 176.4 187.4 185.1
Net power, MW 635.8 517.1 499.5 500.9
Net plant efficiency 41.1% 32.0% 30.9% 31.0%

Table 5. Plant performances of decarbonised IGCCs based on sour and shift in this study.

Non-capture case Sweet shift Sour shift

Plant performance (DOE case 5, [5])  performance "9y Energy Performance  Ce'dY Energy
change penalty change penalty

Thermal input, MW 1547.5 1617.8 70.3 - 1617.8 70.3 -

Gas turbine power 464.0 464.0 0.0 1.30% 464.0 0.0 1.30%

Steam turbine power 284.0 222.0 -62.0 4.63% 2229 -61.1 4.57%

Total auxiliaries 112.2 185.1 72.9 4.20% 187.4 75.3 4.34%

Net power 635.8 500.9 -136.9 10.10% 499.5 -136.3 10.20%

?';L‘i;’)""er plantefficiency 47 196 31.0% - - 30.9% - -

2.2. Sweet Shift Case

In this case, sweet catalysts replaced the sour catalysts, which requires rearrangement of the DS Selexol
unit and shift reactors so that shift reactors are to be placed in between desulphurisation and CO, removal as

shown in Figure 5. However, this seemingly simple change also requires other units to be modified.
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It should be noted that, in sweet shift case, the raw syngas does not have to contain vast steam nor
maintained hot after the syngas scrubber [26], as this syngas will be sent to the low-temperature H,S
absorber in prior to shift reactors. The syngas does have to contain some water for COS hydrolysis, but the
required amount of steam must be very small taking into account the tiny amount of COS in it. In this respect,
guenching is no longer needed and the process configuration around the gasifier reverts to what was
originally designed for the non-capture case in which it was aimed to generate as much HP steam as possible
by heat recovery. The syngas cooling section consists of two heat exchangers for HP steam generation
followed by IP BFW heating as is in the sour shift case. The heat duty available in the syngas cooling was
distributed over the two heat exchangers by estimating the heat duty at the IP BFW preheater first. The
flowrate of the IP BFW to be preheated can be determined by the amount of heat available at the intercooler

of the shift reactors in which the IP BFW is to be boiled.

After syngas scrubbing, the syngas is slightly heated by hot HP BFW and then fed to COS hydrolysis in the
same way as the syngas is processed in the non-capture case. Then the syngas is cooled down to 35 °C at
which the H,S absorber operates. In the H,S absorber, the H,S of the syngas is absorbed selectively by the
Selexol solvent originating from the CO, absorber. However, the syngas in sweet shift case is very different
from that in sour shift case with respect to the composition. In sour shift case, the syngas contains a great
amount of CO, (45 vol.%) as a result of shift reaction. On the contrary, the syngas in the sweet shift case
contains a relatively low amount of CO; (3 vol.%). Accordingly, when the CO,-deficient syngas contacts the
CO,-laden solvent in the H,S absorber, the CO, dissolved in the solvent is stripped off by the syngas. In other
words, the H,S absorber works to absorb the H,S from the syngas and at the same time strip the CO, off the
solvent, transferring significant amount of CO, from the solvent to the syngas. In turn, it is possible to
restrict the CO; slip into the sour gas, without having to have a separate H,S concentrator. Hence, the sweet

shift case does not have a H,S concentrator as shown in Figure 5.

However, the augmented amount of CO, in the syngas stream after H,S removal affects adversely the
ensuing shift reaction with respect to the reaction equilibrium. After the gas feed picks up CO, upstream of

the WGSR, it becomes harder to achieve the targeted CO conversion rate. The greater amount of CO, the

10
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syngas contains, the more shift steam has to be added to achieve the targeted CO conversion rate. In addition,
the syngas leaving the H,S absorber is still at low temperature, containing much less water vapour than the
syngas feed flowing into the sour shift reactor in which it contains significant amount of steam as shown in

Table 1.

The amount of CO, being transferred from the CO,-laden solvent to the syngas in the H,S absorber is
highly affected by the flowrate of the CO,-laden solvent to the H,S absorber. Increasing the solvent flowrate
around the H,S cycle would make it easier to achieve a very high CO, capture rate, as the pinch point is to be

formed around the top of the CO, absorber to which the CO,-free Selexol is admitted [25].

The targeted carbon capture efficiency of 90% could be achieved by changing the ratio of the flowrate of
the CO,-free solvent originating from the steam stripper to the flowrate of the semi-lean solvent from the
flash drums. As explained above, increasing the CO,-free solvent flowrate would facilitate reaching the 90%
of carbon capture efficiency, as the solvent admitted to the absorber on the top is capable of absorbing CO,
more strongly than the semi-lean solvent entering the column in the middle. To do so, the flowrate of the
CO,-laden solvent flowing from the CO, absorber to the H,S absorber has to be increased. In turn, it is
inevitable to see the syngas pick up more CO, from the solvent in the H,S absorber with the increasing CO,-
laden solvent flowrate. More shift steam would have to be added to the syngas to achieve the targeted CO
conversion rate. As discussed in [21], WGSRs often accounts for the largest energy penalty in integrating
IGCC with carbon capture. In this respect, it is crucial to maintain the usage of shift steam as low as possible
in order to bring down the energy penalty in overall. As a result, low lean case was chosen so as to minimise

the flowrate of the CO,-laden solvent to the H,S absorber (low lean case).

Assuming the same equilibrium constant of 31 at the outlet of the LT shift reactor, it is also possible to
estimate the steam flowrate required to achieve the same 95.5% CO conversion rate by mass balance. When
leaving the H,S absorber, the syngas contains negligible amount of water vapour at 0.0008 kmol/s, while the
required total steam flowrate amounts to 6.5 kmol/s, 0.4 kmol/s greater than the flowrate in sour shift case
due to the sweet syngas containing more CO, than the syngas in the sour shift case. Therefore, a vast amount

of steam has to be added to the syngas.

11
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To source the shift steam, several changes were made to the sour shift case. In sour shift case, the IP steam
generated by heat recovery at the intercooler between two shift reactors is split into three sub-streams as
shown in Figure 4. The first two streams are used as the diluent of the gasifier and the shift stream. And the
rest of it is sent to the HRSG where it is superheated for power generation. In sweet shift case, the portion of
the shift steam has to be maximised to compensate the greater demand for shift steam, indicating that no

steam is available for power generation any more (Figure 6).

But the increment of the shift steam flowrate is still not large enough for the targeted CO conversion rate.
Therefore, another source of shift steam had to be found in the steam cycle. In this study, the additional shift
steam was extracted from the HP turbine exhaust. To this end the back pressure of the HP turbine had to be
increased up to 38.0 bar from 31.1 bar as the syngas feed has to enter the HT shift reactor at 37.6 bar. The
pressure change made to the HP turbine results in significant reduction in the power generation at the HP

turbine.

Once shifted, the hot syngas leaving the low temperature shift reactor is cooled down to 35 °C to feed it to
the CO, absorber. At the same time, the heat is recovered to preheat the WGS feed gas and quenching water
and also generate LP steam. It is noticeable that the syngas after sweet shift contains more CO, (3.39 kmol/s)
and steam (3.63 kmol/s) than the syngas in sour shift case does (3.00 kmol/s CO, and 3.26 kmol/s steam),
resulting in the total syngas flowrate being larger in sweet shift case (12.0 kmol/s) than in sour shift case
(12.3 kmol/s). This is because the syngas feed to shift reaction contains more CO; in sweet shift case (0.494
kmol/s) than in sour shift case (0.112 kmol/s) on the grounds of some CO, being added to the syngas in the
H,S absorber in the sweet shift case, and accordingly more excess steam has to be added to the syngas for
achieving the CO conversion rate. As the shifted syngas has a greater flowrate in sweet shift case, carrying

greater heat, its heat recovery can generate more LP steam.

The cold shifted syngas after heat recovery is returned to the DS Selexol unit for carbon capture. Once
processed in DS Selexol unit, the treated syngas stream entering the gas cycle are almost identical in both
shift cases in terms of the flowrate and gas composition, indicating that the power generation at the gas cycle

would also be identical.

12
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However, the power generation at steam cycle could not but differ significantly between the two cases.
Compared to the sour shift case, the sweet shift case has to undergo the following alternations to its steam

cycle. The alterations resulting in reduction of the power generation are:

o Reduction of the back pressure of the HP turbine.

e Extraction of the HP turbine exhaust for shift reaction.

o Directing the IP steam generated by recovering the exothermic shift heat to the WGSR instead of the

steam cycle.

On the contrary, the changes leading to increase of the power generation are:

o Generating a far greater amount of HP steam at the syngas cooling stage, as quenching is not needed.

o The amount of LP steam generated by cooling the shifted syngas increases, as the syngas is at a higher

flowrate, containing more CO, and steam.

e Extraction of part of the HP turbine exhaust for shift steam results in less reheat duty in HRSG.

Accordingly the HP BFW flowrate admitted to the HRSG is to be increased.

In overall, the amounts of power generation in both sour and sweet shift cases are almost equal, while the
power generations at individual steam turbines are very different from each other. The differences between

the two shift cases can be explained qualitatively as follows.

e The sweet shift case can generate the HP steam far greater than the sour shift case, resulting in
greater power generation at HP turbine. The positive effect of more HP steam generated at syngas

cooling outweighs the negative effect of the back pressure of the HP turbine increasing.

e The shift reactors of the sweet shift case require a far greater amount of additional IP steam.
Accordingly, the power generation at the IP turbine is reduced significantly due to a huge amount of

IP steam being extracted from the steam cycle.

e The difference of the power generations at the LP turbine in two shift cases is similar to that at the IP

13



©CO~NOOOTA~AWNPE

turbine, in spite of the amount of LP steam generated by cooling the shifted syngas being slightly
greater in sweet shift case. This is because the LP steam from shifted syngas cooling is of lower

quality than the HRSG LP steam with respect to the temperature.

3. Water Gas Shift Reactors

In this section, it was aimed to estimate roughly the size of the two shift reactors in each shift case based on
the reaction rate models reported in open literatures. The syngas undergoes water gas shift reaction at two
reactors in series: a high temperature shift reactor (HTSR) followed by a low temperature shift reactor
(LTSR). The HTSR converts bulk CO to CO,, while the LTSR can reduce the CO content less than 2 vol.%

on dry gas basis.

In the shift reactors, there are several side reactions other than the main reaction taking place at the same
time, such as COS hydrolysis, Fischer-Tropsch synthesis, methanol synthesis, etc. But these minor reactions
were disregarded in this study, assuming that incorporating these reactions into the reactor models would not

affect much the estimation of the reactor size.

All the shift reactors were simulated by a Plug Flow Reactor (PFR) module available in Honeywell UniSim
that allows to simulate various heterogeneous catalytic reaction rate models. The overall CO conversion rates
in the two shift cases were identical around 95.6%. Due to the high moisture content in the syngas leaving
the scrubber, the sour shift needs less steam-to-CO ratio than the syngas in sweet shift case. It was estimated

that the ratio of steam to CO was 2.16 in sweet shift and 2.03 in sour shift.

3.1. Sweet Shift

Fe- and Cu-based catalysts were taken for HTSR and LTSR, respectively. As for the high-temperature shift
catalyst, the reaction rates were estimated by a power-law rate model [27]. In the Hla et al.’s study [27], two

different Fe-based shift catalysts (HTC1 and HTC2), differing with respect to its constituent compositions,

14
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were tested and the reaction kinetic models were constructed based on the experimental data. As a result,
HTC1 was chosen in this study on the grounds that HTC1 would perform better than HTC2 for a feed gas

containing high CO and low CO, and H,, as with the syngas in this study.

Hla et al. [27] proposed the parameter values of the power-law model by testing the HTC1 (80-90 wt%

Fe,04/8-13 wt% Cr,043/1-2 wt% CuO) with sulphur-free syngas at 360 — 450 °C and 101.32 kPa.

—111000
— 1()2.845 — % —0.36 p—0.09 1 Pco,PH,
Tyrer = 10 e Rt PeoPco;” Py, (1 T X PeoPro 2)
2

The raw syngas undergoes the CO conversion rate of around 79% in the HTSR. The hot syngas leaving the
HTSR is cooled by boiling hot IP BFW and then it is fed successively to the ensuing LTSR for reducing the

CO mole fraction further.

As can be seen in the reaction kinetic model of the HTCL1, the activation energy of the rate constant is as high
as -111 kJ/mol, indicating that the reaction rate would be very low in the temperature range of the LTSR, 270
— 317 °C. In this relatively low temperature range of the LTSR, the Fe-based HTS catalyst would end up with

a very low reaction rate.

Hence a Cu-based catalyst, exhibiting a very high reaction rate in the low temperature, has to be chosen
instead. In this study, it was assumed that the LTSR was packed with a commercial CuO/ZnO/Al,O;
(50/40/10 wt%) catalyst referred to LTS. Mendes et al. [28] proposed a Langmuir-Hinshelwood model along
with its associated parameter values by testing the Cu-based catalyst with sulphur-free syngas in the range of

180 — 300 °C and at 101.32 kPa as follows [28].

14,033 1 Pco,Pu
6.153 X 107 R PeoPy, (1 B K_ePco;’Hz:))

Tirs = 80410 4109 9795 sres 2 )
(1 +1.756 X 10730 RT Pco +9.321 X 1077€"RT Py, + 2.28 X 107%e RT P¢p, + 2.739 X 10715¢™RT PH2>

According to Eq.3, the Cu-based catalyst would have a reaction rate greater than the Fe-based catalyst, even

at the operation conditions of the HTSR. However, the Cu-based catalyst had to be employed for a shift
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reactor operating in the relatively low temperatures, as it would be easily deactivated by thermal sintering in

the HTSR temperature [29].

In estimating the reaction rates at the IGCC pressure as high as 35 bar, it may be presumptuous to make use
of the reaction rate models constructed by testing the catalysts at ambient pressure. In this respect, Eq. 4 was
taken as a pressure correction factor and is applied to each reaction rate model, similarly to the earlier works

[30, 31].
p, = pO-5—P/500 (4)

The pressure correction factor is known to be valid up to 55 atm [32, 33].

3.2. Sour Shift

It is not recommended to use the sweet shift catalysts presented above for a syngas feed containing a high
concentration of hydrogen sulphide, as the Fe or Cu based catalysts would exhibit significant reduction in the

reaction rates as well as lose the catalytic activity greatly when exposed to H,S [27].

As for the sour shift, a Co-Mo based catalyst (CoO/MoQO3/MgO/Al,Oz/promoter = 2:8:24:50:balance wt%),
referred to SSC, was chosen, as this catalyst’s activity could be promoted by the sulphur compounds
contained in a syngas feed. Hla et al. [34] carried out experiments to measure the shift reaction rates of gases
containing 1000 H,S ppmv on SSC in the range of 350 — 450 °C and at 101.32 kPa. They proposed that the

reaction rate could be estimated by a power-law model as follows [34]:

—60300

——=—1,0.75 p0.31 p—0.07 p—0.09 1 Pco,Ph,
T = 0.008e” rt P%/°PY3lp P 1 5
SSC,1000ppmv H,S CO '"H,0"'cCO, H, Ke PcoPh,0 ()

Hla et al. [34] also investigated the effect of H,S on the shift reaction rates with the H,S concentration in
the feed gas varied from 330 to 2670 ppmv. When plotted in log-log graph, the experimental data exhibited

linearity. Accordingly, the effect of H,S on the reaction rate is expressed by

(6)

_ H,S ppmv]™
Tssc = 7ss¢,1000ppmv H2S | ™ 1000
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where n is the slope of the trend line in the logarithmic coordinate, estimated 0.52 in their experimental study
[34]. Similarly to the study on the sweet shift catalysts, the pressure correction factor, Eq. 4, was applied to
the reaction rate models, in order to estimate the reaction rates at the very high pressure from those estimated
at ambient pressure for sizing the high-pressure reactor. It was assumed that the SSC catalysts be applicable

to both HTSR and LTSR in sour shift case.

For simplicity, it was assumed that all three catalysts had identical particle density (2400 kg/m®) and bulk
density (1200 kg/m®). Also the following assumptions were made: no pressure drop, adiabatic reactors, plug
flow, no radial distributions of temperature and concentration, negligible mass transfer resistances at the film

and in the pore and no axial dispersion.

3.3. Comparison of the Sweet and Sour Shift Reactors

With the assumptions made above, a reactor size is to be estimated only by a plug flow reactor model
including the shift reaction rate model. First, the chosen rate models were tested to see if they could replicate
the experimental results reported in the references. Hla et al. [27] measured the CO conversion rate at 450 °C
and 1 atm when a dry-feed coal-derived syngas was fed to a lab-scale reactor packed with HTCL1 in the
conditions of the actual gas space velocity of 1.9 m® gcat™ h™ and the steam-to-carbon ratio of around 3. The
experimental CO conversion was reported around 7.8%, while its equivalent simulation of this study resulted

in 5.6% CO conversion assuming isothermal operation.

Hla et al. [34] tested the SSC1 catalyst with a dry-feed coal-derived syngas containing 1000 ppmv H,S at
450 °C and 1 atm with the steam-to-carbon ratio adjusted to 3. The experimental CO conversion rate was

around 1.5 mol gcat™ s, while its value estimated by UniSim PFR was 1.1 mol gcat™ s™.

As for the Cu-based catalyst, Mendes et al. [28] reported the CO conversion rates when a typical reformate
gas was fed to a lab-scale reactor at 1.2 bar with both the reaction temperature and the contact time varied.
Again, the experimental results were compared with the simulation results by solving the reaction rate model
applicable to a broader temperature range, 180 — 300 °C, with UniSim PFR. The PFR simulation results were

17



©CO~NOOOTA~AWNPE

slightly lower than the experimental CO conversion rates, as the differences between the two were within 6%
points in most data. For example, the UniSim PFR estimated the CO conversion rate of 44%, while the

experimental value was 48%, at the contact time of 12.9 gcat h mol™ and 200 °C.

In those papers proposing the reaction rate equations, each parameter was reported as an average value that is
allowed to vary in a range. By adjusting the parameters within their associated ranges, it might be possible to
make the simulation results closer to the experimental results. In this study, however, such laborious works
were not attempted on the grounds that when the reaction rate models were implemented with the average
parameter values, they could reproduce the experimental results reasonably well. Again this part of study was
aimed to estimate roughly the amount of shift catalysts required to achieve the desired CO conversion rate in

the sweet and sour shift cases.

In this study, the volume of a shift reactor was determined so that the CO conversion rate could reach 99% of
the equilibrium conversion for all four reactors. Table 6 summarises the simulation results of all four shift
reactors and Figure 7 shows the CO mole fraction profiles along the reactor volume in the high and low
temperature shift reactors of both cases. As for the high temperature shift reactors, the volumes of the two
reactors were relatively close to each other. The reactor volumes were estimated 84.7 m® and 56.8 m? for the
sweet shift reactor and the sour shift reactor, respectively. As explained above, it is essential to incorporate
the H,S correction factor, Eq. 6, into the reaction rate equation in sour shift case, as the reaction rate would
be promoted greatly by the presence of H,S in the feed. Otherwise, the CO conversion rate plunged to 34%

from 77% in the same reactor.

However, the reactor lengths required for low temperature shift reaction were very different between the two
shift cases. It was estimated that the reactor packed with the Cu-based catalysts for sweet shift would require
only 60.6 m®, while the sour shift reactor with the CoMo-based catalysts had to be 615.8 m* in volume. This
is due to the reaction rate model found for the sour shift catalyst predicting very low reaction rates in the

temperature range of the LTSR as shown in Table 6. This puzzling result indicates that the chosen CoMo

catalysts would be effective only in the temperature ranges well above the LTSR temperature [35] and other
sulphur-resistant catalysts must be taken for the LTSR. Such catalysts may be commercially available, but to
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the best of our knowledge their reaction rate models have not been reported in open literatures yet.

Table 6. Size of the shift reactors estimated by the reaction rate models at the condition of 99% approach to

the equilibrium CO conversion.

Sweet HTSR Sweet LTSR Sour HTSR Sour LTSR
Catalvst HTC1 (Fe-based LTS (Cu-based SSC (CoMo-based SSC (CoMo-based
Y catalyst) catalyst) catalyst) catalyst)
Volume, m® 84.7 60.6 56.8 615.8
CO conversion rate 77.9% 78.4% 77.1% 78.5%
Average reaction rate, , 79,15 8.63-10° 4.11-10° 8.83-107

mol/cm®/s

4. Conclusions

In this study, the two process configurations of an IGCC integrated with either sour or sweet shift catalytic
reactors were designed, to see which alterations to be made to syngas cooling, shift reactors, acid gas
removal unit and steam cycle. Based on the detailed process flowsheets, the energy penalty incurred by
carbon capture integration was estimated more accurately than ever. As expected, the sweet shift case would
require a far greater amount of additional shift steam than the sour shift case. Contrary to the stereotype of
sweet shift resulting in a greater energy penalty than sour shift, however, the energy penalties incurred by
carbon capture integration were estimated almost equal in both shift cases. This was mainly due to the sweet
shift case not requiring syngas quenching. Note that if the sweet shift case would be configured in the same
way as the sour shift case up to the syngas scrubber stage, including water quenching and operating the
syngas scrubber at the higher temperature, the sweet shift case would incur 3.7% points greater energy
penalty than the sour shift case. However, either syngas quenching or high temperature operation of the

syngas scrubber are not required for sweet shift case.

The CO, absorber of the DS Selexol process runs with two solvents: lean solvent and semi-lean solvent.
The two solvent flowrates are complementary to each other, i.e. increasing the lean solvent flowrate allows to
reduce the semi-lean flowrate or vice versa. Accordingly, the DS Selexol process could be designed in two

different modes: high lean or low lean modes. In the sweet shift case, however, the low lean mode has to be
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chosen, as the amount of CO, transferred to the syngas from the solvent taking place at the H,S absorber
must be minimised. Otherwise, the syngas leaving the H,S absorber would contain more CO,, requiring more
shift stream to be added for the ensuing shift reactors. With respect to the process configuration, the sweet
shift case does not need to have a H,S concentrator separately, as the H,S absorber also functions as

enriching H,S in the H,S-laden solvent by stripping CO, off the solvent.

In sizing the shift reactors with the reaction rate models found in the literatures, it was found that the sizes
of the high-temperature shift reactors are comparable to each other. However, the low temperature sour shift
reactor had to be sized much larger than the equivalent sweet shift reactor, due to the sour shift catalysts
exhibiting one order of magnitude lower reaction rates than the sweet catalysts in the operating conditions of
the catalytic reactor. However, all the reactor sizing of this study may need to be updated afterwards, once
the latest shift catalysts are experimented and their reaction rate models are found and reported. In this study,
the CoMo catalyst performing excellently at high temperatures were also taken for the low temperature shift
reactor of the sour shift case, as to the best of our knowledge any other catalysts suitable for this reactor had

not been put forward with the reaction rate model as yet.
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Table S1. Temperature, pressure,

molar flowrate and mole fraction of each stream in sweet case.

::::Z'; 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18
T(°C) 1601 | 1424 | 898 | 316 | 230 | 246 | 230 | 139 | 42 | 117 | 177 | 177 | 35 | 35 | 35 | 30 | 223 | 365
P (kPa) 4238 | 4238 | 4238 | 4031 | 3893 | 4240 | 3893 | 3893 | 3893 | 3756 | 3576 | 3756 | 3756 | 3756 | 3756 | 3750 | 3750 | 3800
Flowrate | 1.91E+ | LOLE+ | 3.56E+ | 3.56E+ | 3.56E+ | 1.66E+ | 1.91E+ | 6.82E+ | 7.20E+ | 1.94E+ | 1.94E+ | 1.94E+ | 1.94E+ | 1.84E+ | 1.05E+ | 1.96E+ | 1.96E+ | 1.44E+
(kmol/h) 04 | 04 | 04 | o4 | o4 | 04 | 04 | 03 | 03 | 04 | o4 | 04 | 04 | 04 | 03 | 04 | 04 | o4
Mole fraction
Argon | 0.0097 | 0.0097 | 0.0097 [ 0.0097 | 0.0097 | 0.0097 | 0.0097 | 0 0 [0.0095]0.0095 [ 0.0095 [ 0.0095 [ 0.0101] 0 [0.0095[0.0095] 0
Methane | 0.0004 | 0.0004 | 0.0004 | 0.0004 | 0.0004 | 0.0004 | 0.0004 | 0 0 |0.00040.0004 |0.0004 [ 0.0004 | 0.0004| 0 |0.0004|0.0004] o
co 0.5720 | 0.5720 | 0.5720 | 0.5720 | 0.5720 | 0.5720 | 0.5720 | 0.0001 | 0.0001 | 0.5608 | 0.5608 | 0.5608 | 0.5608 | 0.5929 | 0.0003 | 0.5555 | 0.5555 | 0
Co, 0.0211 | 0.0211 | 0.0211 | 0.0211 | 0.0211 | 0.0211 | 0.0211 | 0.0001 | 0.0001 | 0.0207 | 0.0207 | 0.0214 | 0.0214 | 0.0226 | 0.0003 | 0.0913 | 0.0913 | 0
cos 0.0007 | 0.0007 | 0.0007 | 0.0007 | 0.0007 | 0.0007 | 0.0007| 0 0 |0.0007|0.0007| o 0 0 0 0 0 0
H, 0.2899 | 0.2899 | 0.2899 | 0.2899 | 0.2899 | 0.2899 | 0.2899 | 0 0 |0.2842|0.2842 | 0.2842 | 0.2842 | 0.3005 | 0.0006 | 0.2871 | 0.2871| 0
H,0 0.0364 | 0.0364 | 0.0364 | 0.0364 | 0.0364 | 0.0364 | 0.0364 | 0.9960 | 0.9962 | 0.0553 | 0.0553 | 0.0546 | 0.0546 | 0.0023 | 0.9687 | 0.0002 | 0.0002 | 1
H,S 0.0081 | 0.0081 | 0.0081 | 0.0081 | 0.0081 | 0.0081 | 0.0081 | 0.0001 | 0.0001 | 0.0080 | 0.0080 | 0.0086 | 0.0086 | 0.0091 | 0.0004| 0 0 0
N, 0.0574 | 0.0574 | 0.0574 | 0.0574 | 0.0574 | 0.0574 | 0.0574| 0 0 |0.0563|0.0563 |0.0563 | 0.0563 | 0.0595 | 0.0000 | 0.0561 | 0.0561| ©
Ammonia | 0.0033 | 0.0033 | 0.0033 | 0.0033 | 0.0033 | 0.0033 | 0.0033 | 0.0036 | 0.0034 | 0.0032 | 0.0032 | 0.0032 | 0.0032 | 0.0017 [ 0.0297 | © 0 0
0, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon 0 0 0 0 0 0 0 0 0 0 0 0 - - - 0 0 0
(sﬁfﬁ:ﬁirc) 0 0 0 0 0 0 0 0 0 0 0 0 - - - 0 0 0
cl, 0 0 0 0 0 0 0 0 0 0 0 0 . - - 0 0 0
HCl 0.0009 | 0.0009 | 0.0009 | 0.0009 | 0.0009 | 0.0009 | 0.0009| 0 0 |0.0009|0.0009]0.0009| o 0 0 0 0 0
50, - - - - - - - - - - - - |0.0009|0.0010| 0 - - -



http://ees.elsevier.com/egy/download.aspx?id=1691249&guid=431bce03-3938-406d-b247-a497373b8c6f&scheme=1

Table S2. Temperature, pressure, molar flowrate and mole fraction of each stream in sweet case (continued).

::::;’:r 19 20 21 22 23 24 25 26 27 28 29 30 31 32 33 34 35 36
T(°C) 399 | 307 | 510 | 271 | 314 | 239 | 162 | 158 | 157 | 157 | 156 | 93 35 35 35 88 26 30
P(kPa) | 5688 | 3750 | 3750 | 3652 | 3652 | 3569 | 3500 | 3500 | 3496 | 3496 | 3396 | 3396 | 3396 | 3323 | 3323 | 166 | 3248 | 345
Flowrate | 9.03E+ | 4.31E+ | 4.31E+ | 4.31E+ | 4.31E+ | 4.31E+ | 4.31E+ | 4.31E+ | 3.68E+ | 6.28E+ | 3.68E+ | 3.68E+ | 3.68E+ | 6.72E+ | 3.01E+ | 3.39E+ | 1.79E+ | 1.05E+
(kmol/h) | 03 04 04 04 04 04 04 04 04 03 04 04 04 03 04 02 04 04
Mole
fraction
Argon 0 |0.0043 | 0.0043 | 0.0043 | 0.0043 | 0.0043 | 0.0043 | 0.0043 [0.0050 | 0 |0.0050|0.0050 |0.0050| 0 |0.0062| 0 |0.0103 |0.0000
Methane | 0 |0.0002 | 0.0002 | 0.0002 | 0.0002 | 0.0002 | 0.0002 | 0.0002 | 0.0002| © |0.0002 |0.0002 |0.0002| 0 |0.0003]0.0001 0.0004 |0.0001
co 0 |0.2529 [ 0.0523 | 0.0523 | 0.0110 | 0.0110 | 0.0110 | 0.0110 [ 0.0129 | 0 [0.0129]0.0129 |0.0129| 0 |0.0158 |0.0362 | 0.0254 | 0.0014
co, 0 |0.0415 | 0.2421 | 0.2421 | 0.2834 | 0.2832 | 0.2832 | 0.2832 | 0.3313 | 0.0015 | 0.3313 | 0.3313 | 0.3313 | 0.0006 | 0.4052 | 0.3730 | 0.0279 | 0.9683
cos 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
H, 0 |0.1307 | 0.3313 [ 0.3313 | 0.3725 | 0.3726 | 0.3726 | 0.3726 | 0.4362 | 0.0001 | 0.4362 | 0.4362 | 0.4362 | 0.0000 | 0.5337 | 0.0100 | 0.8756 | 0.0212
H,0 1 | 0.5448|0.3443 | 0.3443 | 0.3030 | 0.3031 | 0.3031 | 0.3031 | 0.1844 | 0.9985 | 0.1844 | 0.1844 | 0.1844 | 0.9994 | 0.0022 | 0.0847 | 0.0004 | 0.0075
H,S 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 |0.4946 | 0.0000 | 0.0000
N2 0 |0.0255|0.0255 | 0.0255 | 0.0255 | 0.0255 | 0.0255 | 0.0255 | 0.0299 | 0.0000 | 0.0299 | 0.0299 | 0.0299 | 0.0000 | 0.0366 | 0.0014 | 0.0601 | 0.0014
Ammonia | 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
0, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - -
(::Lf:;rc) 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - -
cl, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - -
Hl 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
50, - - - - - - - - - - - - - - - 0 0 0




Table S3. Temperature, pressure, molar flowrate and mole fraction of each stream in sour case.

Stream

e 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
T(°C) 1601 1424 408 343 266 209 43 204 298 399 310 527 270 317 239
P (kPa) 4238 4169 4031 3962 | 3893 | 3893 | 3893 | 3756 | 3756 | 5688 | 3756 | 3756 | 3652 | 3652 | 3569
(FI';"‘(’)':%‘; 1.91E+04 | 1.91E+04 | 3.55E+04 |3.55E+04 |3.55E+04 | 7.20E+03 | 6.89E+03 | 3.52E+04 | 3.52E+04 | 5.30E+03 | 4.05E+04 | 4.05E+04 | 4.05E+04 | 4.05E+04 | 4.05E+04
Mole fraction
Argon 0.0097 | 00097 | 0.0052 | 0.0052 | 0.0052 0 0 0.0053 | 0.0053 0 0.0046 | 0.0046 | 0.0046 | 0.0046 | 0.0046
Methane | 0.0004 | 0.004 | 0.002 | 0.0002 | 0.0002 0 0 0.0002 | 0.0002 0 0.0002 | 0.0002 | 0.0002 | 0.0002 | 0.0002
co 05720 | 05720 | 03070 | 0.3070 | 0.3070 | 0.0002 | 0.0002 | 0.3096 | 0.3096 0 0.2691 | 0.0573 | 0.0573 | 0.0120 | 0.0120
co, 00211 | 00211 | 00113 | 0.0113 | 0.0113 | 0.0001 | 0.0001 | 0.0114 | 0.0114 0 0.0099 | 0.2218 | 0.2218 | 0.2670 | 0.2670
cos 0.0007 | 0.0007 | 0.0004 | 0.0004 | 0.0004 0 0 0.0004 | 0.0004 0 0.0003 | 0.0003 | 0.0003 | 0.0003 | 0.0003
H, 02899 | 0.2899 | 0.1556 | 0.1556 | 0.1556 | 0.0001 | 0.0001 | 0.1569 | 0.1569 0 0.1364 | 0.3483 | 0.3483 | 0.3935 | 0.3935
H,0 0.0364 | 00364 | 04828 | 0.4828 | 0.4828 | 0.9989 | 0.9989 | 0.4784 | 0.4784 1 0.5466 | 0.3348 | 0.3348 | 0.2895 | 0.2895
H,S 0.0081 | 0.0081 | 0.0044 | 0.0044 | 0.0044 | 0.0001 | 0.0001 | 0.0044 | 0.0044 0 0.0038 | 0.0038 | 0.0038 | 0.0038 | 0.0038
N, 0.0574 | 00574 | 0.0308 | 0.0308 | 0.0308 0 0 0.0311 | 0.0311 0 0.0270 | 0.0270 | 0.0270 | 0.0270 | 0.0270
Ammonia | 0.0033 | 0.0033 | 0.0018 | 0.0018 | 0.0018 | 0.0006 | 0.0006 | 0.0018 | 0.0018 0 0.0016 | 0.0016 | 0.0016 | 0.0016 | 0.0016
0, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
(:;’msirc) 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
cl, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Hl 0.0009 | 0.0009 | 0.0005 | 0.0005 | 0.0005 0 0 0.0005 | 0.0005 0 0.0004 | 0.0004 | 0.0004 | 0.0004 | 0.0004

SO,




Table S4 Temperature, pressure, molar flowrate and mole fraction of each stream in sour case (continued).

::'r:"‘z':r 16 17 18 19 20 21 22 23 24 25 26 27 28 29 30
T (°C) 191.2 154 148 148 148 147 93 35 35 35 132 | 237.8 87 26 28
P (kPa) 3569 3500 3500 3496 3496 3396 | 3396 | 3396 | 3323 | 3323 | 8274 | 8274 166 3238 345
(FIL;M;T;;? 4.05E+04 | 4.05E+04 | 4.05E+04 | 3.35E+04 | 6.98E+03 |3.35E+04 |3.35E+04 |3.35E+04 | 4.74E+03 | 2.88E+04 | 1.65E+04 | 1.65E+04 [4.02E+02 | 2.14E4 | 1.04E4
Mole
fraction
Argon | 0.0046 | 0.046 | 0.0046 | 0.0055 0 0.0055 | 0.0055 | 0.0055 0 0.0064 0 0 0 0.0103 0
Methane | 0.0002 | 0.0002 | 0.002 | 0.0002 0 0.0002 | 0.0002 | 0.0002 0 0.0003 0 0 0 0.0003 0
co 00120 | 00120 | 00120 | 0.0145 0 0.0145 | 0.0145 | 0.0145 0 0.0169 0 0 0.0003 | 0.0265 | 0.0011
Co, 02670 | 02670 | 0.2670 | 03224 | 0.0013 | 0.3224 | 0.3224 | 0.3224 | 0.0006 | 0.3754 0 0 0.5178 | 0.0243 | 0.9739
cos 0.0003 | 0.0003 | 0.0003 | 0.0004 0 0.0004 | 0.0004 | 0.0004 0 0.0005 0 0 0 0 0
H, 03935 | 03935 | 03935 | 0.4755 0 0.4755 | 0.4755 | 0.4755 0 0.5539 0 0 0.0139 | 0.8778 | 0.0185
H,0 02895 | 0.2895 | 02895 | 0.1420 | 0.9972 | 0.1420 | 0.1420 | 0.1420 | 0.9910 | 0.0022 1 1 00861 | 00003 | 85 .
H,S 0.0038 | 0.0038 | 0.0038 | 0.0046 | 0.0001 | 0.0046 | 0.0046 | 0.0046 0 0.0054 0 0 0.3816 0 0
N, 00270 | 0.0270 | 0.0270 | 0.0326 0 0.0326 | 0.0326 | 0.0326 0 0.0380 0 0 0.0003 | 0.0603 | 0.0011
Ammonia | 0.0016 | 0.0016 | 0.0016 | 0.0016 | 0.0013 | 0.0016 | 0.0016 | 0.0016 | 0.0084 | 0.0005 0 0 0 0 0
0, 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon 0 0 0 0 0 0 0 0 0 0 - - - - -
(::L‘?:;rc) 0 0 0 0 0 0 0 0 0 0 - - - - -
cl, 0 0 0 0 0 0 0 0 0 0 - - - - -
Hl 0.0004 | 0.0004 | 0.0004 | 0.0005 0 0.0005 | 0.0005 | 0.0005 0 0.0006 0 0 0 0 0
50, - - - - - - - - - - 0 0 0 0 0




Table S5. Approach points of the main heat exchangers.

Approach point

Heat exchanger (°C)

Sour Sweet
:;ir;grtisrsure steam 19.8 35
Raw gas cooler 92.5 66.3
HTSC 19.8 20.8
T-syngas cooler 1 19.4 91.0
T-syngas cooler 2 12.3 -
T-syngas cooler 3 15.9 24.4
T-syngas cooler 4 52.4 60.9
T-syngas cooler 5 9.7 19.7
T-syngas cooler 6 36.7 22.0
Flue gas reheater 116.7 116.7
Lean-solvent cooler 6.7 50.6
Grand Steam Condenser 1.7 1.7
R-syngas cooler 1 - 136.1
Scrubber cooler 4.2 4.2

Table S6. Summary of adiabatic efficiency of pumps.

Adiabatic efficiency

Pump

Sour Sweet
HP pump 70.2% 70.2%
LP pump 80.0% 80.0%
IP pump 81.0% 81.0%
Condensate pump 63.9% 63.9%

H,S-laden solvent pump 80.0% 75.0%



H,S concentrator bottom pump  75.0% -

CO,-laden solvent pump 80.0% 80.0%
Lean solvent pump 80.0% 80.0%
Semi-lean solvent pump 80.0% 80.0%
Quench water pump 75.0% -

CO, product pump 85.0% 85.0%
Makeup water pump 75.0% 75.0%
Makeup DEPG pump 75.0% 75.0%

Table S7: Summary of adiabatic efficiency and polytropic efficiency of compressors.

Compressor Sour Sweet
Adiabatic efficiency Polytropic efficiency Adiabatic efficiency Polytropic efficiency

Recycle gas compressor 80.0% 80.4% - -
Flash evaporation compressor 80.0% 81.7% 80.0% 81.8%
Sour gas compressor 80.0% 81.0% 80.0% 81.0%
High pressure gas compressor 83.4% 85.0% 83.0% 85.0%
Syngas compressor - - 75.0% 75.3%
CO, compressor-1 83.1% 85.1% 83.1% 85.0%
CO, compressor-2 83.7% 85.0% 83.7% 85.0%
CO, compressor-3 83.7% 85.0% 83.7% 85.0%
CO, compressor-4 83.6% 85.0% 83.6% 85.0%

CO, compressor-5 83.6% 85.0% 83.65 85.0%
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Abstract

In this study, it was sought to design and evaluate two process configurations of an ategrated-Gasification-

Combined-Cyele{IGCC} integrated with a dual-stage Selexol unit in which they differ in that one IGCC is
configured with sour shift and the other is based on sweet shift. Incorporating water gas shift reactors
consuming vast amount of shift steam into an IGCC involves significant alternations to the associated steam
cycle, in addition to simply changing the location of the H,S removal step around the shift reactors. It turned
out that the sweet shift case would require approximately 4.6 times more shift steam than the sour shift case,
as the syngas after H,S removal did not have much steam in it. However, the energy penalties incurred by the
carbon capture integration were estimated almost identical regardless of the choice between the sour and
sweet shift. This is because the sour shift case would also undergo considerable reduction in power
generation at steam cycle due to water quenching. In both shift cases, the high and low temperature shift

reactors were sized using the reaction rate models reported in literatures.

Keywords: Carbon capture; Selexol;-Process-configuration; IGCC; Sour shift reaction; and-Ssweet shift

reaction; Reactor design
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Nomenclature

Equilibrium constant (-)

Actual system pressure (atm)

Partial pressure of component i (kPa)
Pressure correction factor (atm)
Reaction rate (mol/g_, - s)

Ideal gas constant (J/mol - K)

Temperature (K)

[~ 93 oX

Abbreviation
BFW Boiler feed water
COos Carbonyl sulphide
DS Dual site
DOE Department of Energy
HP High pressure
HRSG Heat recovery steam generator
1P Intermediate pressure
IGCC Integrated gasification combined cycle
PC-fired Pulverized coal fired

SSC Sour shift catalyst

1. Introduction

Fossil fuels have long supplied a vast majority of the energy as well as the raw materials our economy needs.
With growing concerns with the environmental issues the use of fossil fuels gives rise to, however, it has
been sought to replace fossil fuel with renewable resources to enhance sustainability of our society [1]. As
various renewable energy technologies have progressed up to commercial stage, it is expected that fossil
fuels will lose their position as main energy resources in the future [2]. However, there still remains one
aspect that fossil fuels cannot be surpassed by renewables easily. Fossil fuels can produce energy more stably
and steadily than renewables, less affected by the weather around the site [3]. Therefore, fossil fuels still play

a key role even in the next generation energy mix, supplementing energy production by renewables [2].

As for power generation, coal and natural gas have been the main raw materials among various hydrocarbon
fuels [4]. Given the fact that coal reserves are more evenly distributed over the globe than natural gas
reserves, use of coal for power generation is expected not to wither in the future even though the plant

efficiency of a coal power plant is generally inferior to that of a natural gas combined cycle [5, 6].

However, coals generate the largest CO, per unit electricity generated among fossil fuels when combusted

for power generation, due to it being characterised by the largest carbon-to-hydrogen ratio [7]. Hence, in the
2
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UK, it has been banned to construct a new coal-based power plant unless its CO, emission is to be curtailed
significantly by integrating it with carbon capture and storage (CCS) [8]. But CCS is still deemed so

expensive that the concept has not been widely materialized into commercialisation yet.

In the chain of CCS, it is known that carbon capture stage accounts for majority of the total energy
consumption [9]. Therefore, it is crucial to reduce drastically the energy consumption at carbon capture stage,
in order to bring down the overall CCS cost to an affordable level. In this respect, Integrated Gasification
Combined Cycle (IGCC) has been considered an attractive alternative to the conventional PC-fired power
plant. In IGCC, a pre-combustion capture process can be applied to a synthesis gas (syngas) containing CO,
at very high pressure. From the thermodynamic point of view, it would be more energy-efficient to separate
CO, from a high pressure syngas of the IGCC than a low pressure flue gas that a PC-fired power plant emits.
In addition, a carbon capture unit can be designed smaller in an IGCC than in a PC-fired power plant, as the
high pressure syngas must be smaller in volume than the low pressure flue gas. Accordingly, pre-combustion
capture would involve a specific energy consumption less than post-combustion capture. DOE [6] estimated
that the cost of electricity (COE) of an IGCC would increase only 35 mills/kWh on average by integrating it
with pre-combustion carbon capture, while decarbonising a PC-fired power plant by amine capture would be

so expensive that the COE had to increase 49 mills/kWh.

In designing an IGCC integrated with pre-combustion capture, it is essential to include WGSRs (Water-Gas
Shift Reactors) to convert CO to CO,, so that the following CO, capture unit can achieve at least 90%
capture efficiency. There are largely two different cohorts of shift catalysts available with respect to their
resistance to sulphur, that is, sour and sweet shift catalysts. Given the fact the IGCC syngas contains sulphur
compounds originating from coals, the syngas has to be cleared of the sulphur species to protect the sweet
shift catalysts. As for the choice of sour or sweet shift in decarbonising an IGCC, it was claimed that sweet
shift would not be normally taken for coal gasification applications, due to a greater inefficiency arising from
having to cool the syngas before the sulphur removal [10]. Most of the past researches on design of an IGCC
integrated with pre-combustion capture centred upon sour shift as shown in Table 1. However, there exist a

few of works on sweet shift as well, as shown in Table 2 [11-14] .
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There have been a few of works carried out to evaluate the sour and sweet shift cases applied to coal
gasification for carbon capture. But it appears that the outcomes of the studies are contradictory to each other

in contrast to what was expected. Kanniche and Bouallou [15] compared two dry coal IGCC plants

integrated with CO, capture that were designed based on either sweet or sour shift in terms of net plant

efficiency. According to their simulation results, both of the sour and sweet shift cases were estimated to

‘ have almost identical net plant efficiencies, with the difference only 0.5-% points. Huang et al. [16]

compared the sweet and sour shift options applied to the two IGCC reference plants equipped with either GE

or Shell gasification. They reported that the sour shift case would be more efficient than the sweet shift case

with its net plant efficiency greater by around 1.5% points.

In this study, it was aimed to estimate the energy penalty of an exemplary IGCC plant integrated with either

sour or sweet shift, by designing the entire IGCC process based on the DOE study [5]. By doing so, it was

possible to identify which alternations to make in designing the pre-combustion capture IGCCs depending on

the choice of sweet or sour shift, and quantify the net plant efficiency more accurately. In addition, the sizes

of the shift reactors are to be estimated based on the reaction rate models reported in literatures.

Table 1 Summary of past researches on pre-combustion capture IGCCs based on sour shift.

Cormos et. al.[17]

Descamps et.al. [11]

Cormos et.al. [18]
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Ref‘A
IGCC IGCC+ Energy Energy IGCC IGCC+ Energy Energy IGCC IGCC+ Energy  Energy
| Plant performance only CCS change —penalty only — CCS change — penalty —only CCS change —penalty
Thermal input, MW 1053 1177.7 1247 - 7258 8479 122.1 10409 11669 126 -
| Power Summary, MW
Gas turbine power 334 334 0 3.36% 1883 2115 232 1.00% 334 334 0 3.46%
Steam turbine power 183.6 200.14 16.54 0.44% 152 135.8 -16.2 4.93% 186.92 1975  10.58 1.03%
Syngas Expander 1.48 0.78 -0.7 0.07% 24.7 29 43 0.02% 0.88 0.78 -0.1 0.02%
Total power 51908 53492 1584  387% 365 3763 113 591% 5218 53228 1048  451%
generation
Total auxiliaries 75.18 11299 37.81 245% 49.3 82.9 33.6 2.98% 72.83 111.87 39.04 2.59%
Net power 4439 42193 -21.97 6.33% 315.7 2934 -223 8.89% 44897 42041 -28.56 7.10%
Netpower plant = 4> 1600 35 8305 43.50% 34.60% 4313% 36.03% -
efficiency (LHV)
Ref. Padurean et al. [19] Huang et al. [16] Prins et al. [20]
Plant IGCC IGCC+ Energy Energy IGCC IGCC+ Energy Energy IGCC IGCC+ Energy Energy
performance only CCs change  penalty only CCs change penalty only CCs change penalty
Thermal input, 1052.9 1177.76 124.86 953.3 1066.8 1135 2166.3 2610 443.7

Formatted: Font: Bold

{
{
{
E

Formatted: Font: Bold




©CO~NOOOTA~AWNPE

410
42
431
44
4%
4

4
48
4%
50
515
52
53
54
55
56
57
58
59
60
61
62
63
64
65

MW
Power Summary, MW

Gas turbine power 334 334 0 336% 286 286 0 319% 7206 8166 96 1.98%
ﬁgﬁ;‘: turbine 1g435 19524 1092 093% 1924 1756 -168 372% 4752 5256 504 1.80%
Syngas Expander 1.48 055  -0.93  009% 0 0 0 000% 0 0 0 0.00%
Total power 0 g 61.6 6.8 6.919 058 13422 146 3.779
generation 5198 52079 999  439% 4784 4616  -16. 91% 11958 13422 146.4 17%
Total auxiliaries  75.08 104.82 29.74  177% 6131 9401 327 238% 1451 2509 1148 3.26%
Net power 44472 42497 -1975 615%  417.09 36759 -49.5 929% 10507 1082.3 316 7.03%
E;IICFI’;‘]’Z;’(TZ”\‘/) 42.23% 36.09% - - 43.75% 34.46% - - 48.50% 41.47% -

Table 2 Summary of a pre-combustion capture IGCC based on sweet shift [16].

Plant performance :)ﬁlic ::GCCSC * 5:1 :r:g)e/ E:: a:iqt{/
Thermal input, MW 953.3 1066.8 1135

Power Summary, MW

Gas turbine power 286 286 0 3.19%
Steam turbine power 1924 160.9 -315 5.10%
Syngas Expander 0 0 0 0.00%
~Total power generation 478.4 446.9 -31.5 8.29%
~Total auxiliaries 61.31 94.33 33.02 2.41%
Net power 417.09 352.57 -64.52 10.70%

Net power plant efficiency (LHV)  43.75% 33.05%

2. Process Configuration Studies

2.1. Sour Shift Case

This case was reproduced following the US DOE’s work [5] in which the design basis was detailed. In

configuring an IGCC, it is essential to select the gas turbine from the beginning. This study is based on two

Advanced F class gas turbine to generate 464 MW power in total. The firing temperature of combustion

chamber was controlled within the range of 1318-1327°C, with the pressure ratio of 18.5. The net efficiency

of such turbines was 57.5% (LHV), giving the net heat rate of 6256 kJ/kWh (LHV). The exhaust gas leaves

gas turbine entering the steam cycle via HRSG. The pressure levels for HP/IP/LP sections are 12.5/2.9/0.45

MPa, respectively. In both sour and shift cases, the HRSGs undergo around 533 MW of the heat transfer

between the hot and cold streams. The hot and cold composite curves are presented in Figure 2.

{51- By taking shift catalysts of which the activity can be maintained high with the presence of sulphur
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compound, the shift reactor can process directly the raw syngas containing COS and H,S without having to

pre-treat the syngas but preheating.

In integrating the IGCC with pre-combustion capture, it is essential to make most of the carbon-
containing compounds exist in the form of CO,, as the ensuing carbon capture unit can separate only CO,
selectively from the gas mixture. To this end the syngas undergoes water-gas shift reaction which often

requires a huge amount of steam as much as approximately 2 moles of H,O per 1 mole of CO [5]. It should
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KK=e T *33 M
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equilibrium constant was estimated around 31 by Eq. 1. To achieve the K, & value at 95.5% CO conversion
rate, the required amount of steam has to be 6.1 kmol/s, while the flowrate of steam contained in the syngas
is only 4.7 kmol/s. Accordingly, around 1.4 kmol/s of steam has to be sourced and supplemented into the

syngas. To this end, the intermediatepressure-{1P}boHingfeed-water {(BFW) is preheated by recovering the

heat of the hot raw syngas after high-pressure{HP} steam generation (stream 4 in Figure 2). The hot IP BFW
is vaporized to IP steam by recovering the exothermic heat of WGSR at the intercooler thereafter. The
amount of the IP steam produced in situ is more than enough to provide the additional shift steam required
for sour shift. As shown in Figure 3, the IP steam is split into three streams. The second steam is sent to the

gasifier at a fixed flowrate and the rest is directed to the heatrecoverysteam-generator{HRSG} for power

generation.

After the syngas is shifted, then it is cooled down to 35 °C at which the dual-stage Selexol process (DS
Selexol) operates. In both sour and sweet shift cases, the performance targets that the acid gas removal unit

has to achieve were set identically as below.

. 90% carbon capture efficiency

99.9+% H,S recovery

. 98.5+% H, recovery

. 97+% CO; product purity

The Selexol solvent can absorb H,S more strongly than CO, with the selectivity of H,S over CO, around 9
[21]. As shown in Figure 2, firstly the syngas enters the H,S absorber where its H,S is absorbed by the CO,-
laden solvent originating from the CO, absorber. The H,S-laden solvent leaving the absorber contains
significant amount of CO, as well as H,S. The CO, has to be stripped off the solvent before the solvent is
regenerated thermally in the ensuing steam stripper. Otherwise, the sour gas would end up with containing
vast amount of CO, as well as H,S, making it very hard to achieve the stringent target of the carbon capture
efficiency. To this end, removing the CO, from the solvent were carried out by a H,S concentrator (gas

stripping) followed by a flash evaporation (depressurisation). By doing so it was possible to direct most of



apog\lgm%oom_ﬁ

P RRR
BN

B
oq

179
18
190
20
211
22
ok
24

253
26,
27
28
2%
30
316
32
3%
34

35
36
37
38
39
400
41
42
43
443
45
46
47
48
49
5¢P
51
52
53
54
55
56
57
58
59
60
61
62
63
64
65

the CO, contained in the solvent to the CO, absorber, facilitating such a high carbon capture efficiency.

In the CO, absorber, the CO, in the feed is selectively absorbed by two solvent streams: one solvent is the
lean solvent generated at the steam stripper, containing effectively no CO, in it, and the other is the semi-lean
solvent originating from the flash drums, less regenerated than the lean solvent. As studied previously by the
author [22-24], it is crucial to increase the flowrate of the lean solvent flowrate rather than the semi-lean
solvent, if such a high carbon capture efficiency as 95% is targeted (high lean case). But there exists a
maximum flowrate that the lean solvent cannot exceed. If too much CO,-laden solvent was sent to the H,S
absorber, then it would not be possible to recover sufficient CO, and return it to the CO, cycle. Meanwhile, it
is also possible to reach the 90% carbon capture efficiency by increasing the semi-lean solvent, without
having to increase the lean solvent (low lean case). In other words, the minimum flowrate of the CO,-laden
solvent required to remove 99.9+% H,S is found and the stream becomes the lean solvent after being
regenerated thermally. In low lean case, the total flowrate of the circulating Selexol solvent would be larger,
but it would be easier to return the CO, carried by the CO,-laden solvent to the CO, removal section. The

total energy consumptions of the two cases were estimated similar to each other.

The net plant efficiency of the IGCC integrated with DS Selexol and sour shift was estimated by process
simulation using Honeywell UniSim. As shown in Table 4, the energy penalty incurred by carbon capture
integration was around 10.2-% points. The energy penalties at the steam turbine and the auxiliaries were 4.6
and 4.3% points, respectively (Table 5). It should be noted that the increase of the power consumption at the
auxiliaries were mainly due to addition of CO, capture and compression. The reduction in the steam turbine
power generation by carbon capture integration was mainly due to great difference of the amounts of HP
steam generated at the syngas cooling stage immediately after the gasifier. In the sour shift case, it is crucial
to have the raw syngas contain a vast amount of steam, so that the ensuing sour shift reactors do not require
additional shift steam much. To this end, quenching the raw syngas by adding the water is followed by the
syngas cooler and the syngas scrubber operating deliberately at a high temperature (200 °C), compared to
110 °C in the non-capture case. The higher temperature does the syngas scrubber operate at, the more steam

the syngas can contain [25]. After the syngas quenching, the syngas temperature falls down to 408 °C, so the
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In this case, sweet catalysts replaced the sour catalysts, which requires rearrangement of the DS Selexol
unit and shift reactors so that shift reactors are to be placed in between desulphurisation and CO, removal as

shown in Figure 4. However, this seemingly simple change also requires other units to be modified.

It should be noted that, in sweet shift case, the raw syngas does not have to contain vast steam nor
maintained hot after the syngas scrubber [25], as this syngas will be sent to the low-temperature H,S
absorber in prior to shift reactors. The syngas does have to contain some water for COS hydrolysis, but the
required amount of steam must be very small taking into account the tiny amount of COS in it. In this respect,
quenching is no longer needed and the process configuration around the gasifier reverts to what was
originally designed for the non-capture case in which it was aimed to generate as much HP steam as possible
by heat recovery. The syngas cooling section consists of two heat exchangers for HP steam generation
followed by IP BFW heating as is in the sour shift case. The heat duty available in the syngas cooling was
distributed between the two heat exchangers by estimating the heat duty at the IP BFW preheater first. The
flowrate of the IP BFW to be preheated can be determined by the amount of heat available at the intercooler

of the shift reactors in which the IP BFW is to be boiled.

After syngas scrubbing, the syngas is slightly heated by hot HP BFW and then fed to COS hydrolysis in the
same way as the syngas is processed in the non-capture case. Then the syngas is cooled down to 35 °C at
which the H,S absorber operates. In the H,S absorber, the H,S of the syngas is absorbed selectively by the
Selexol solvent originating from the CO, absorber. However, the syngas in sweet shift case is very different
from that in sour shift case with respect to the composition. In sour shift case, the syngas contains a great
amount of CO, (45 vol.%) as a result of shift reaction. On the contrary, the syngas in the sweet shift case
contains a relatively low amount of CO, (3 vol.%). Accordingly, when the CO,-deficient syngas contacts the
CO,-laden solvent in the H,S absorber, the CO, dissolved in the solvent is stripped off by the syngas. In other
words, the H,S absorber works to absorb the H,S from the syngas and at the same time strip the CO, off the
solvent, transferring significant amount of CO, from the solvent to the syngas. In turn, it is possible to
restrict the CO; slip into the sour gas, without having to have a separate H,S concentrator. Hence, the sweet

shift case does not have a H,S concentrator as shown in Figure 4.

10
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However, the augmented amount of CO, in the syngas stream after H,S removal affects adversely the
ensuing shift reaction with respect to the reaction equilibrium. After the gas feed picks up CO, upstream of
the WGSR, it becomes harder to achieve the targeted CO conversion rate. The greater amount of CO, the
syngas contains, the more shift steam has to be added to achieve the targeted CO conversion rate. In addition,
the syngas leaving the H,S absorber is still at low temperature, containing much less water vapour than the
syngas feed flowing into the sour shift reactor in which it contains significant amount of steam as shown in

Table 1.

The amount of CO, being transferred from the CO,-laden solvent to the syngas in the H,S absorber is
highly affected by the flowrate of the CO,-laden solvent to the H,S absorber. Increasing the solvent flowrate
around the H,S cycle would make it easier to achieve a very high CO, capture rate, as the pinch point is to be

formed around the top of the CO, absorber to which the CO,-free Selexol is admitted [24].

The targeted carbon capture efficiency of 90% could be achieved by changing the ratio of the flowrate of
the CO,-free solvent originating from the steam stripper to the flowrate of the semi-lean solvent from the
flash drums. As explained above, increasing the CO,-free solvent flowrate would facilitate reaching the 90%
of carbon capture efficiency, as the solvent admitted to the absorber on the top is capable of absorbing CO,
more strongly than the semi-lean solvent entering the column in the middle. To do so, the flowrate of the
CO,-laden solvent flowing from the CO, absorber to the H,S absorber has to be increased. In turn, it is
inevitable to see the syngas pick up more CO, from the solvent in the H,S absorber with the increasing CO,-
laden solvent flowrate. More shift steam would have to be added to the syngas to achieve the targeted CO
conversion rate. As discussed in [26], WGSRs often accounts for the largest energy penalty in integrating
IGCC with carbon capture. In this respect, it is crucial to maintain the usage of shift steam as low as possible
in order to bring down the energy penalty in overall. As a result, low lean case was chosen so as to minimise

the flowrate of the CO,-laden solvent to the H,S absorber (low lean case).

Assuming the same equilibrium constant of 31 at the outlet of the LT shift reactor, it is also possible to
estimate the steam flowrate required to achieve the same 95.5% CO conversion rate by mass balance. When

leaving the H,S absorber, the syngas contains negligible amount of water vapour at 0.0008 kmol/s, while the

11
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required total steam flowrate amounts to 6.5 kmol/s, 0.4 kmol/s greater than the flowrate in sour shift case
due to the sweet syngas containing more CO, than the syngas in the sour shift case. Therefore, a vast amount

of steam has to be added to the syngas.

To source the shift steam, several changes were made to the sour shift case. In sour shift case, the IP steam
generated by heat recovery at the intercooler between two shift reactors is split into three sub-streams as
shown in Figure 3. The first two streams are used as the diluent of the gasifier and the shift stream. And the
rest of it is sent to the HRSG where it is superheated for power generation. In sweet shift case, the portion of
the shift steam has to be maximised to compensate the greater demand for shift steam, indicating that no

steam is available for power generation any more (Figure 5).

But the increment of the shift steam flowrate is still not large enough for the targeted CO conversion rate.
Therefore, another source of shift steam had to be found in the steam cycle. In this study, the additional shift
steam was extracted from the HP turbine exhaust. To this end the back pressure of the HP turbine had to be
increased up to 38.0 bar from 31.1 bar as the syngas feed has to enter the HT shift reactor at 37.6 bar. The
pressure change made to the HP turbine results in significant reduction in the power generation at the HP

turbine.

Once shifted, the hot syngas leaving the low temperature shift reactor is cooled down to 35 °C to feed it to
the CO, absorber. At the same time, the heat is recovered to preheat the WGS feed gas and quenching water
and also generate LP steam. It is noticeable that the syngas after sweet shift contains more CO, (3.39 kmol/s)
and steam (3.63 kmol/s) than the syngas in sour shift case does (3.00 kmol/s CO, and 3.26 kmol/s steam),
resulting in the total syngas flowrate being larger in sweet shift case (12.0 kmol/s) than in sour shift case
(11.3 kmol/s). This is because the syngas feed to shift reaction contains more CO, in sweet shift case (0.494
kmol/s) than in sour shift case (0.112 kmol/s) on the grounds of some CO, being added to the syngas in the
H,S absorber in the sweet shift case, and accordingly more excess steam has to be added to the syngas for
achieving the CO conversion rate. As the shifted syngas has a greater flowrate in sweet shift case, carrying
greater heat, its heat recovery can generate more LP steam.

The cold shifted syngas after heat recovery is returned to the DS Selexol unit for carbon capture. Once
12
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processed in DS Selexol unit, the treated syngas stream entering the gas cycle are almost identical in both
shift cases in terms of the flowrate and gas composition, indicating that the power generation at the gas cycle

would also be identical.

However, the power generation at steam cycle could not but differ significantly between the two cases.
Compared to the sour shift case, the sweet shift case has to undergo the following alternations to its steam

cycle. The alterations resulting in reduction of the power generation are:

e Reduction of the back pressure of the HP turbine.

e Extraction of the HP turbine exhaust for shift reaction.

o Directing the IP steam generated by recovering the exothermic shift heat to the WGSR instead of the

steam cycle.

On the contrary, the changes leading to increase of the power generation are:

e Generating a far greater amount of HP steam at the syngas cooling stage, as quenching is not needed.

e The amount of LP steam generated by cooling the shifted syngas increases, as the syngas is at a higher

flowrate, containing more CO, and steam.

o Extraction of part of the HP turbine exhaust for shift steam results in less reheat duty in HRSG.

Accordingly the HP BFW flowrate admitted to the HRSG is to be increased.

In overall, the amounts of power generation in both sour and sweet shift cases are almost equal, while the
power generations at individual steam turbines are very different from each other. The differences between

the two shift cases can be explained qualitatively as follows.

e The sweet shift case can generate the HP steam far greater than the sour shift case, resulting in
greater power generation at HP turbine. The positive effect of more HP steam generated at syngas

cooling outweighs the negative effect of the back pressure of the HP turbine increasing.

e The shift reactors of the sweet shift case requiresrequire a far greater amount of additional IP steam.

13
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Accordingly, the power generation at the IP turbine is reduced significantly due to a huge amount of

IP steam being extracted from the steam cycle.

e The difference of the power generations at the LP turbine in two shift cases is similar to that at the IP
turbine, in spite of the amount of LP steam generated by cooling the shifted syngas being slightly
greater in sweet shift case. This is because the LP steam from shifted syngas cooling is of lower

quality than the HRSG LP steam with respect to the temperature.

3. Water Gas Shift Reactors

In this section, it was aimed to estimate roughly the size of the two shift reactors in each shift case based on
the reaction rate models reported in open literatures. The syngas undergoes water gas shift reaction at two
reactors in series: a high temperature shift reactor (HTSR) followed by a low temperature shift reactor
(LTSR). The HTSR converts bulk CO to CO,, while the LTSR can reduce the CO content less than 2 vol.%

on dry gas basis.

In the shift reactors, there are several side reactions other than the main reaction taking place at the same
time, such as COS hydrolysis, Fischer-Tropsch synthesis, methanol synthesis, etc. But these minor reactions
were disregarded in this study, assuming that incorporating these reactions into the reactor models would not

affect much the estimation of the reactor size.

All the shift reactors were simulated by a Plug Flow Reactor (PFR) module available in Honeywell UniSim
that allows to simulate various heterogeneous catalytic reaction rate models. The overall CO conversion rates
in the two shift cases were identical around 95.6%. Due to the high moisture content in the syngas leaving
the scrubber, the sour shift needs less steam-to-CO ratio than the syngas in sweet shift case. It was estimated

that the ratio of steam to CO was 2.16 in sweet shift and 2.03 in sour shift.

3.1. Sweet Shift

14
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Fe- and Cu-based catalysts were taken for HTSR and LTSR, respectively. As for the high-temperature shift
catalyst, the reaction rates were estimated by a power-law rate model [27]. In the Hla et al.’s study [27], two
different Fe-based shift catalysts (HTC1 and HTC2), differing with respect to its constituent compositions,
were tested and the reaction kinetic models were constructed based on the experimental data. As a result,
HTC1 was chosen in this study on the grounds that HTC1 would perform better than HTC2 for a feed gas

containing high CO and low CO, and H,, as with the syngas in this study.

Hla et al. [27] proposed the parameter values of the power-law model by testing the HTC1 (80-90 wt%

Fe,03/8-13 wt% Cr,03/1-2 wt% CuO) with sulphur-free syngas at 360 — 450 °C and 101.32 kPa.-

b4
111000() ( 1L pcozp,,z) )

( mol ) mol - -
Turct — 102.845 —1}e RT PCO PCI;)2.36PH20.09
Heats. GeatSHhPa =2 Ke PcoPH,0

The raw syngas undergoes the CO conversion rate of around 79% in the HTSR. The hot syngas leaving the
HTSR is cooled by boiling hot IP BFW and then it is fed successively to the ensuing LTSR for reducing the

CO mole fraction further.

As can be seen in the reaction kinetic model of the HTCL1, the activation energy of the rate constant is as high
as -111 kJ/mol, indicating that the reaction rate would be very low in the temperature range of the LTSR, 270
— 317 °C. In this relatively low temperature range of the LTSR, the Fe-based HTS catalyst would end up with

a very low reaction rate.

Hence a Cu-based catalyst, exhibiting a very high reaction rate in the low temperature, has to be chosen
instead. In this study, it was assumed that the LTSR was packed with a commercial CuO/ZnO/Al,O3
(50/40/10 wt%) catalyst referred to LTS. Mendes et al. [28] proposed a Langmuir-Hinshelwood model along
with its associated parameter values by testing the Cu-based catalyst with sulphur-free syngas in the range of

180 — 300 °C and at 101.32 kPa as follows [28].
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According to Eq.3, the Cu-based catalyst would have a reaction rate greater than the Fe-based catalyst, even
at the operation conditions of the HTSR. However, the Cu-based catalyst had to be employed for a shift
reactor operating in the relatively low temperatures, as it would be easily deactivated by thermal sintering in

the HTSR temperature [29].

In estimating the reaction rates at the IGCC pressure as high as 35 bar, it may be presumptuous to make use
of the reaction rate models constructed by testing the catalysts at ambient pressure. In this respect, Eq. 4 was
taken as a pressure correction factor and is applied to each reaction rate model, similarly to the earlier works

130, 31].
Pt — PO.S—P/SOO (4)

where-P-is-actual-systempressure-fatm}-The pressure correction factor is known to be valid up to 55 atm [32,
33].

3.2. Sour Shift

It is not recommended to use the sweet shift catalysts presented above for a syngas feed containing a high
concentration of hydrogen sulphide, as the Fe or Cu based catalysts would exhibit significant reduction in the

reaction rates as well as lose the catalytic activity greatly when exposed to H,S [27].

As for the sour shift, a Co-Mo based catalyst (CoO/MoOs/MgO/Al,Os/promoter = 2:8:24:50:balance wt%),

referred to SSC, was chosen, as this catalyst’s activity could be promoted by the sulphur compounds
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contained in a syngas feed. Hla et al. [34] carried out experiments to measure the shift reaction rates of gases
containing 1000 H,S ppmvw on SSC in the range of 350 — 450 °C and at 101.32 kPa. They proposed that the

reaction rate could be estimated by a power-law model as follows [34]:

—60300{—%
mol

( \ (__met  \ ———— ol 675,031 5-0.07 p-0.09 1 Pco,Ph,
T = 0.008 e RT Prg”Pyp P P 1
$SC,1000ppmv HpS | ) CgeqrskPa®2) CO "H,07CO, "H, Ke PcoPH,0

®)

Hla et al. [34] also investigated the effect of H,S on the shift reaction rates with the H,S concentration in
the feed gas varied from 330 to 2670 pprmwppmv. When plotted in log-log graph, the experimental data

exhibited linearity. Accordingly, the effect of H,S on the reaction rate is expressed by

" mol —r mol [HZSppmwv]n ©)
ssc(—}i = ssc,1000ppmviizs(—)i 1™ 7000

where n is the slope of the trend line in the logarithmic coordinate, estimated 0.52 in their experimental study
[34]. Similarly to the study on the sweet shift catalysts, the pressure correction factor, Eq. 4, was applied to
the reaction rate models, in order to estimate the reaction rates at the very high pressure from those estimated
at ambient pressure for sizing the high-pressure reactor. It was assumed that the SSC catalysts be applicable

to both HTSR and LTSR in sour shift case.

For simplicity, it was assumed that all three catalysts had identical particle density (2400 kg/m®) and bulk
density (1200 kg/m®). Also the following assumptions were made: no pressure drop, adiabatic reactors, plug
flow, no radial distributions of temperature and concentration, negligible mass transfer resistances at the film

and in the pore and no axial dispersion.

3.3. Comparison of the Sweet and Sour Shift Reactors

With the assumptions made above, a reactor size is to be estimated only by a plug flow reactor model
including the shift reaction rate model. First, the chosen rate models were tested to see if they could replicate

the experimental results reported in the references. Hla et al. [27] measured the CO conversion rate at 450 °C

17
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and 1 atm when a dry-feed coal-derived syngas was fed to a lab-scale reactor packed with HTC1 in the
conditions of the actual gas space velocity of 1.9 m® gcat™ h™ and the steam-to-carbon ratio of around 3. The
experimental CO conversion was reported around 7.8%, while its equivalent simulation of this study resulted

in 5.6% CO conversion assuming isothermal operation.

Hla et al. [34] tested the SSC1 catalyst with a dry-feed coal-derived syngas containing 1000 pprw-ppmv
H,S at 450 °C and 1 atm with the steam-to-carbon ratio adjusted to 3. The experimental CO conversion rate

was around 1.5 mol gcat™ s, while its value estimated by UniSim PFR was 1.1 mol gcat™ s™.

As for the Cu-based catalyst, Mendes et al. [28] reported the CO conversion rates when a typical reformate
gas was fed to a lab-scale reactor at 1.2 bar with both the reaction temperature and the contact time varied.
Again, the experimental results were compared with the simulation results by solving the reaction rate model
applicable to a broader temperature range, 180 — 300 °C, with UniSim PFR. The PFR simulation results were
slightly lower than the experimental CO conversion rates, as the differences between the two were within 6%
points in most data. For example, the UniSim PFR estimated the CO conversion rate of 44%, while the

experimental value was 48%, at the contact time of 12.9 gcat h mol™ and 200 °C.

In those papers proposing the reaction rate equations, each parameter was reported as an average value that is
allowed to vary in a range. By adjusting the parameters within their associated ranges, it might be possible to
make the simulation results closer to the experimental results. In this study, however, such laborious works
were not attempted on the grounds that when the reaction rate models were implemented with the average
parameter values, they could reproduce the experimental results reasonably well. Again this part of study was
aimed to estimate roughly the amount of shift catalysts required to achieve the desired CO conversion rate in

the sweet and sour shift cases.

In this study, the length of a shift reactor was determined so that the CO conversion rate could reach 99% of
the equilibrium conversion for all four reactors with the diameter set as 3.5 meter. Table 6 summarises the
simulation results of all four shift reactors. As for the high temperature shift reactors, the lengths of the two
reactors were relatively close to each other. The sweet shift reactor was 8.8 meter and the sour shift reactor

was 5.9 meter. As explained above, it is essential to incorporate the H,S correction factor, Eg. 6, into the
18
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reaction rate equation in sour shift case, as the reaction rate would be promoted greatly by the presence of

H,S in the feed. Otherwise, the CO conversion rate plunged to 34% from 77% in the same reactor.

However, the reactor lengths required for low temperature shift reaction were very different between the two
shift cases. The reactor packed with the Cu-based catalysts for sweet shift was estimated only 6.3 meters
long, but the sour shift reactor with the CoMo-based catalysts had to be 64 meter long. This is due to the
reaction rate model found for the sour shift catalyst predicting very low reaction rates in the temperature
range of the LTSR as shown in Table 6. This puzzling result indicates that the chosen CoMo catalysts would
be effective only in the temperature ranges well above the LTSR temperature [35] and other sulphur-resistant
catalysts must be taken for the LTSR. To the best of our knowledge, such catalysts are commercially

available, but their reaction rate models have not been reported in open literatures yet.
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Table 6. Size of the shift reactors estimated by the reaction rate models at the condition of 99% approach to

the equilibrium CO conversion.

R Sweet HTSR Sweet LTSR Sour HTSR Sour LTSR <
Catalyst HTC1 (Fe-based LTS (Cu-based SSC (CoMo-based SSC (CoMo-based «
& catalyst) catalyst) catalyst) catalyst)

Nolume, m 84.7 60.6 56.8 6158

Diameter-m 35m 35m 35m 35m <
Length, m, 8.8m 6.3 m 59m 64-m <
CO conversion rate 77.9% 78.4% 77.1% 78.5% «
Average reaction 1ate, _, 7g.15 8.63,10° 411;10° 8.83,10” |

fmol/icm?/s}

4. Conclusions

In this study, the two process configurations of an IGCC integrated with either sour or sweet shift catalytic
reactors were designed, to see which alterations had to be made to syngas cooling, shift reactors, acid gas
removal unit and steam cycle. Based on the detailed process flowsheets, the energy penalty incurred by
carbon capture integration was estimated more accurately than ever. As expected, the sweet shift case would
require a far greater amount of additional shift steam than the sour shift case. Contrary to the stereotype of
sweet shift resulting in a greater energy penalty than sour shift, however, the energy penalties incurred by
carbon capture integration were almost equal in both shift cases. This was mainly due to the sweet shift case
not requiring syngas quenching. Note that if the sweet shift case would be configured in the same way as the
sour shift case up to the syngas scrubber, including water quenching and operating the syngas scrubber at the
higher temperature, the sweet shift case would incur 3.7-% points greater energy penalty than the sour shift

case.

The CO, absorber of the DS Selexol process runs with two solvents: lean solvent and semi-lean solvent.
The two solvent flowrates are complementary to each other, i.e. increasing the lean solvent flowrate allows to
reduce the semi-lean flowrate or vice versa. Accordingly, the DS Selexol process could be designed in two
different modes: high lean or low lean modes. In the sweet shift case, however, the low lean mode has to be
chosen, as the amount of CO, transferred to the syngas from the solvent taking place at the H,S absorber
must be minimised. Otherwise, the syngas leaving the H,S absorber would contain more CO,, requiring more

shift stream to be added for the ensuing shift reactors. With respect to the process configuration, the sweet
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shift case does not need to have a H,S concentrator separately, as the H,S absorber also functions as

enriching H,S in the H,S-laden solvent by stripping CO, off the solvent.

In sizing the shift reactors with the reaction rate models found in the literatures, it was found that the sizes
of the high-temperature shift reactors are comparable to each other. However, the low temperature sour shift
reactor had to be sized much larger than the equivalent sweet shift reactor, due to the sour shift catalysts
exhibiting one order of magnitude lower reaction rates than the sweet catalysts in the operating conditions of
the catalytic reactor. However, all the reactor sizing of this study may need to be updated afterwards, once
the latest shift catalysts are experimented and their reaction rate models are found and reported. In this study,
the CoMo catalyst performing excellently at high temperatures were also taken for the low temperature shift
reactor of the sour shift case, as to the best of our knowledge any other catalysts suitable for this reactor had

not been proposed with the reaction rate model as yet.
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